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ABSTRACT 
The purpose of this research was to evaluate hot gas cleanup of physical and 
chemical contaminants in biomass-derived syngas from a fluidized bed gasifier. The first 
series of experiments examined the effect of in-situ limestone to catalytically reduce tar 
concentrations, remove hydrogen sulfide, and improve the hydrogen content of syngas. The 
second series of experiments was designed to remove hydrogen sulfide in the syngas through 
reaction with metal-based sorbents in a fixed bed reactor. 
In-situ limestone experiments were designed to determine the most favorable 
gasification temperature and ratio of sand to limestone in the fluidized bed for contaminant 
removal. The fixed bed reactor experiments investigated the effect of hydrogen sulfide 
removal via metal-based sorbent by varying several important operating parameters including 
sorbent material, temperature, reaction time, and bed depth. 
The in-situ limestone experiments succeeded in reducing syngas tar 
concentrations from nearly 20 g/m3 with no limestone present to less than 6.5 g/m3 with 33% 
in-situ limestone. This reduction was due to the ability of limestone to catalytically reduce 
tars into hydrogen, water, and carbon monoxide. Steady-state gasification temperature was 
found to play an important role in the ability of limestone to reduce contaminants: At 788°C 
(1450°F) in-situ limestone was much more reactive than at 732°C (1350°F). _However, 
increasing the gasifier temperature to 843°C (1550°F) resulted in decreased limestone 
effectiveness. The fixed bed reactor experiments successfully reduced hydrogen sulfide 
levels from around 200 ppm to less than 20 ppm. These tests were performed with Imm zinc 
oxide particles with a reactor resi~ence time about 0.25 seconds. 
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1. INTRODUCTION 
Throughout the next century global energy demand will continue to increase along 
with population growth and economic expansion. However, increasing public awareness of 
the substantial negative impacts power generation processes are having on environment at the 
regional, national, and global scale is simultaneously counteracting against increased energy 
demand [1]. It is widely recognized that consumption of fossil fuels in stationary power 
generators and automobiles pollutes the environment. Smog, acid rain, ozone depletion, and 
greenhouse gas emissions decrease air quality and are unfavorable to human health. To help 
meet the increased energy demands while improving environmental quality, technologies are 
being developed to decrease pollution emissions from fossil resources. Furthermore, in an 
effort to substitute sustainable resources for fossil resources, biomass is being explored as a 
source of energy and chemicals. 
Fossil fuel currently provides about 80% of the worldwide energy demand [2] and it 
will continue to fill most of the world's energy needs for the foreseeable future. 
Additionally, fossil fuel infrastructure and technology has been so completely developed and 
runs so efficiently that it has been difficult for more renewable or sustainable energy 
technologies to compete economically. Large reserves of these fossil fuel resources, 
especially coal, exist and will continue to be utilized [3]. However, significant economic 
interests exist for improving cycle efficiency of current power generation cycles while 
reducing the environmental damage they cause in the form of flue gas emissions. Advanced 
power generation cycles (APGC) holds significant promise to increase cycle efficiency and 
reduce pollutant emissions. 
Biomass and biorenewable resources have received increasing attention recently due 
to their ability to promote sustainability while reducing negative environmental impacts. 
Biomass-derived products and energy can promote national energy security, reduce fossil 
fuel consumption, and help reduce emissions of carbon dioxide (C02), a prominent 
greenhouse gas, through C02 sequestration. Additionally, nation-wide use of biomass would 
promote decentralized power production facilities, stimulate rural economies and reduce 
energy expenditures further by limiting feedstock transportation needs. 
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The main obstacle to overcome for commercializing APGC is the lack of economical, 
hot-gas cleanup (HGCU) systems for gasification-derived syngas. APGCs utilize equipment 
that is sensitive to a wide range of contaminants produced in both coal and biomass 
gasification cycles. These contaminants include tar, particulate, char, sulfur, chlorine, and 
ammonia. Simultaneous use of several cleanup techniques must be employed to produce a 
useable syngas stream. Several cold-gas cleanup (CGCU) methods have been widely 
researched and have reached commercial feasibility. However, CGCU processes reduce 
overall cycle efficiencies, thus reducing economic competitiveness. Technological 
advancements in HGCU must be achieved for APGC to reach commercial availability. 
The objective of this research was to explore methods for removing trace 
contaminants from biomass-derived syngas. This was accomplished in two ways. First, 
experiments examining limestone use in the bed of a bubbling, fluidized bed gasifiers were 
conducted on a pilot-scale system. The second set of experiments involved operating a fixed 
bed reactor (FBR) with several metal-based sorbents for hydrogen sulfide (H2S) removal. 
H2S is one of the main pollutants in coal gasification and levels must be reduced to at most 
20 ppmv for APGC. It is also a minor pollutant in biomass gasification, existing at levels 
sufficient to deactivate the nickel-based catalysts used to decompose tars. The effects of gas 
cleanup processes were monitored by experimental measurements of syngas composition and 
contaminants. 
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2. BACKGROUND AND LITERATURE REVIEW 
2.1 APGC background 
Currently in the United States, most stationary power generation is based on coal 
combustion cycles, which operate with efficiencies less than 35%. AGPC promises power 
generation efficiencies greater than 50% while using biomass, coal, or co-firing these two 
feedstocks. One APGC plant, the Pinon Pine lOOMWe plant (see Figure 2), achieves 40.7% 
efficiency, while a similar sized conventional coal-fired plant operates at only 32% efficiency 
[ 4]. Figure 1 showcases an AGPC system using a gasification system, which produces both 
hydrogen-rich syngas and thermal energy. High-temperature syngas exiting a gasifier must 
undergo HGCU prior to further processing. Once syngas has undergone cleaning it can be 
converted into fuels and chemicals, electrical power, and hydrogen gas, which can power fuel 
cells in a hydrogen economy. 
Particulate GBB 
remavaJ cleanup 
Air 
steam 
Marketable 13£11 id bY..praduclB 
Figure 1. APGC process diagrams [5] 
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2.2 Thermochemical biomass conversion 
Thermochemical conversion of biomass into energy resources can be accomplished 
by combustion, pyrolysis, or gasification. Power plants utilizing biomass combustion, 
which are typically 5 - 50 MW in size, have efficiencies of 15 - 20%. The cost of electricity 
from these plants is $0.065 to $0.085 kWh. However, if APGC operate with biomass 
gasifiers the cycle efficiency is expected to reach 35 - 40% and the cost of electricity will 
drop to $0.045 to $0.055 kWh [6]. In the United States, a minor portion of the energy 
consumed is derived from biomass power production cycles. 
Sources for biomass fall into two categories: wastes and energy crops. Wastes 
include agricultural residues, logging residues, municipal solid wastes, and sludge. Energy 
crops, such as switchgrass and poplar wood, have the potential to provide a C02 neutral 
feedstock and improve local environmental conditions by reducing erosion, utilizing 
marginal land, and improving soil quality. In 1999, Walsh studied the potential of total 
biomass available in the United States. It was estimated that at $20 per dry ton 23,820,338 
dry tons of biomass would be available per year. At $50 per dry ton 510,855,005 dry tons of 
biomass would be available per year [7]. 
2.3 Thermochemical conversion definitions 
Combustion, an exothermic reaction, is the complete oxidation of a carbon-based 
feedstock into gaseous compounds, composed mainly of C02, ash, and steam [1]. 
Combustion is an extremely old thermochemical conversion technique. Modem power 
plants combust feedstocks, mainly coal, to provide heat needed to evaporate water into 
steam, which runs a steam turbine cycle. Wood is also combusted in large portions of the 
world to provide heat for cooking. 
Pyrolysis is an endothermic process by which feedstocks are converted into 
condensable tars, chars, and gas in the absence of oxygen (02) [8]. The condensable tars, 
also known as bio oil, are composed of hydrocarbon molecules, which can have large or 
small molecular weights depending on the feedstock and conversion conditions. Bio oil is 
the principle purpose for performing pyrolysis since it can be upgraded into high-value fuels 
and chemicals. 
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Gasification is a thermochemical conversion process where solid fuels are converted 
into gaseous compounds, containing mainly hydrogen (H2), carbon monoxide (CO), C02, 
and water (H20). Other products include hydrocarbon gases such as methane, ethane and 
acetylene; tars; chars; and fly ash [8]. Before gasification can begin, heat evaporates the 
feedstock moisture. During gasification both combustion and pyrolysis occur 
simultaneously. Combustion occurs when the outer portion of the solid fuel particle 
oxidizes, releasing heat. Complete combustion of the fuel does not occur because the 
equivalency ratio (ER), defined in Equation 2.1, is kept between 0.25 and 0.3. 
(Eq. 2.1) ER = AFactual 
AFstoich 
AFactual is the actual, molar air-to-fuel ratio in the system and the stoichiometric air-to-fuel 
ratio, AFstoich, is defined as the amount of airflow needed for complete combustion. An 
equivalency ratio of> 1 would mean complete combustion if given enough time, 
temperature, and turbulence. 
The lack of 0 2 and excess heat around biomass particles drive the endothermic 
pyrolysis stage. Pyrolysis causes fuel particle to volatize into hydrocarbons and char. The 
char continues to oxidize with remaining 0 2 in the system, releasing additional heat and C02. 
High molecular weight hydrocarbons use this additional heat to decompose into simpler 
hydrocarbon molecules such as propane, methane, and acetylene to name a few. This 
decomposition also increases H2, H20, and CO in the system. The main reactions of 
gasification, along with the enthalpies of formation, are listed in Table 1. 
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Table 1. Main reactions of gasification [9] 
Reaction ~H29s, kJ mor1 
Volatile matter <:=> CH4 + C mildly exothermic 
c + 0.502 ¢::> co -111 
CO + 0.502 <:=> C02 -254 
H2 + 0.502 <:=> H20 -242 
C + H20 <:=>CO+ H2 131 
C + C02 <:=> 2CO 172 
C + 2H2 <:=> CH4 -75 
CO + 3H2 <:=> CH4 + H20 -206 
CO + H20 <:=> C02 + H2 -41 
C02 + 4H2 <:=> CH4 + 2H20 -165 
2.4 Fluidized bed gasification 
A fluidized bed consists of a dense bed of particles, typically sand. Large hydrostatic 
forces are created when a fluidizing agent is forced up through the dense bed. When the 
hydrostatic forces on the bed particles are equal to or greater than the force of gravity, the 
particles in the bed become fluidized and mix in a turbulent, chaotic fashion. A fluidized bed 
acts in the same fashion as a container of water when gas is bubbled up through it. Figure 3 
diagrams the typical layout of fluidized bed gasification system. 
Fluidized beds offer many advantages over more common grate or entrained flow 
boilers. A high-temperature, fluidized bed stores a large amount of sensible heat, which 
contributes to convection coefficients much greater than for gases alone. Since fluidized 
beds are constantly mixing, it can be assumed the bed is uniform in temperature. These 
characteristics of fluidized beds allow a wide range of solid fuels gasified. Large particle or 
high moisture feedstocks can be successfully gasified, alleviating the need for expensive 
feedstock preparation. Fluidized beds can offer additional improvements to syngas quality 
when a reactive material, such as limestone, iron oxide, or kaolin; is a portion to the dense 
bed material [10]. This will be discussed in greater detail in following sections. 
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Cyclone separator 
Freeboard 
Dense bed Ash I Char 
Distributor plate 
+- Fluidizing medium ---
Figure 3. Fluidized bed gasification system 
Gas cleanup 
Syngas 
--
The fluidizing agent of a fluidized bed gasifier can be oxygen, air, and steam. Using 
oxygen results in a syngas with higher energy content, but there are high costs associated 
with using large amounts of pure oxygen. Using air as a fluidizing agent is cost effective, but 
the produced syngas is heavily diluted with non-reactive nitrogen (N2) molecules, which 
lowers the energy content of the gas considerably. Fluidized bed gasifiers can be operated at 
either atmospheric or pressurized conditions. Atmospheric gasifiers are cheaper and simpler 
to operate. However, the syngas must be cleaned and compressed prior to turbine use. 
Pressurized gasifiers are more expensive to build and operate, but offer more power output. 
Fuel feeding is especially more difficult due to the tendency for leaks in the system. 
However, pressurized gasifiers can use smaller-sized equipment and do not require syngas 
compression [11]. 
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2.5 Overview of syngas cleanup 
APGC utilizing gasification technologies require more significant gas cleaning than is 
currently required for combustion processes. Depending on the feedstock, pollutant 
quantities can vary greatly. Downstream processes, such as turbines in the Integrated 
Gasification Combined Cycle (I GCC) and fuel cells in the Integrated Gasification Fuel Cell 
Cycle (IGFC), are adversely affected by physical contaminants of gasification including tars, 
char, fly ash, and alkali metals. Chemical contaminants, such as H2S, HCl and ammonia 
(NH3), must be removed as well. Tables 2 and 3 contain chemical and physical contaminant 
limits, respectively, for AGPC systems. 
Table 2. Chemical contaminant limits for AGPC systems [12] 
Tolerance Limits 
Contaminant Fuel Cells 
Gas Turbine 
Molten Carbonate Solid Oxide PEM 
Sulfur Compounds 20ppmv 0.5 ppmv 0.1 ppmv 1 ppmv 
Hydrogen Halides 1 ppmv 0.5 ppmv 1 ppmv 1 ppmv 
Ammonia -- 1 vol% 5000 ppmv 1 ppmv 
Table 3. Physical contaminant limits for APGC systems [13] 
Particle Tar Moisture in Alkali metals 
Concentration Concentration feedstock concentration 
IGCC Limit < lOppmw 0 15 - 20% 0.1 - 0.2 pmw 
IGFC Limit < lOOppmw 0 <50% 1- lOppmw 
There are two areas of gas cleaning currently under research, primary and 
secondary gas cleanup. Primary gas cleanup takes place in the gasifier bed typically with 
catalysts and sorbents. It is considered the simplest and cheapest method; however, it is 
incapable oflowering contaminants below APGC limits [1 OJ. Secondary gas cleanup occurs 
downstream of the gasification vessel and requires the use of additional reactors or processes. 
These reactors include fluidized beds, fixed beds, and transport reactors. 
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Technologies such as Rectisol and Selexol are commercially available to reduce some 
contaminants to acceptable levels, however these systems cool the syngas and reduce cycle 
efficiency [14]. Also low-temperature systems require high capital, high maintenance, and 
waste stream processing costs that make IGCC and IGFC cycles economically unfavorable. 
Current research has examined HGCU to reduce contaminants, while keeping cycle 
efficiencies high. A review of gas cleanup technologies found switching CGCU to HGCU 
desulfurization technology alone would result in 2 - 3% increases in cycle production 
efficiency [ 15]. 
HGCU promises to reduce costs, but questions have been raised about the 
appropriate temperature for HGCU. As thermodynamic theory predicts, higher cycle 
temperatures promote higher cycle efficiencies, but equipment and maintenance costs 
increase with increasing HGCU temperature. A system analysis by Corman weighed the 
economic benefits and costs associated with HGCU and found an optimal temperature range 
from about 350 - 550°C [16]. 
Several aspects ofHGCU will be discussed below. These include particulate 
matter removal, tar removal, and desulfurization. 
2.5.1 Particulate matter removal 
Coal and biomass-derived syngas contains particulate matter composed of 
both char and fly ash, sometimes known as gasification residue. Char is unreacted carbon 
that has been elutriated from the fluidized bed. Ideally, the amount of char exiting a gasifier 
should be very small, since it represents a loss of potential energy to the syngas. Fly ash is 
defined as inorganic material found in the raw feedstock. These inorganic materials include 
silicon, potassium, calcium, and iron. Many commercial removal devices for particulate 
matter are available, including electrostatic precipitators, baghouses, cyclones, and fixed beds 
[14]. However, APGC systems require high-temperature, high-pressure removal down to 
extremely low levels and existing commercial systems will not be effective under those 
conditions. 
The simplest method of high-temperature, high-pressure gasification residue removal 
uses a cyclone separator, shown in Figure 4. Cyclones are well-developed devices with no 
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moving parts and little to no maintenance. They typically impart a relatively low-pressure 
drop on the system. Gas enters a cyclone tangentially at high velocity and is forced to spiral 
down the conical walls of the cyclone. Particles in the gas stream are forced against the 
cyclone's walls due to centrifugal forces, where they impact and are removed from the gas 
stream. Cyclones are effective at removing >90% of particles larger than 5 µm and can 
handle large flow rates of gas [14]. Many systems utilize several cyclones in series to 
increase the particulate matter catch. 
Figure 4. Cyclone separator [17) 
Current research is focusing on two evolving high-temperature, high-pressure 
particulate matter removal systems. These are candle filters and moving-bed granular filters · 
(MBGF). Candle filters are composed of long, ceramic filter or metal elements with 
extremely small pores in them (see Figure 5). They have been proven to reduce particulate 
matter to low levels [18], but have several disadvantages too. Ceramic filter elements are 
expensive and require back pulsing as the pressure drop increases during a use. Ceramic 
filters are brittle and prone to breaking under cyclic thermal stress. Also, vaporized alkali 
metals have a tendency to react with the ceramic. 
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Figure 5. Pinon Pine ceramic candle filter schematic [19) 
MBGF can handle APGC conditions, but further research needs to be conducted 
before commercialization is possible. There are many configurations being tested, but they 
all involve the same basic concept. As hot, dirty syngas flows through inexpensive media, 
such as river rock, the particulate impacts the rock and is removed from the gas stream. As 
particulate matter is removed the voids in the filter begin to fill and the pressure drop across 
the filter increases. Media is removed from the bottom of the filter continually during 
operation, providing a quasi-steady state pressure drop across the filter. A media hopper is 
located above the MBGF to replenish media removed from the bottom of the filter [20, 21 ]. 
Figure 6, below, contains a diagram of a typical MBGF setup. 
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Figure 6. Moving bed granular filter diagram [22] 
2.5.2 Tar formation and removal processes 
Tars are a complex mix of condensable hydrocarbons created by pyrolysis in a 
gasification system. These tars are generally expected to be single-ring to five-ring aromatic 
compounds, but can include polynuclear aromatic hydrocarbons (P AH) and other oxygen-
containing hydrocarbons [ 1 O]. Tars have a negative impact on downstream equipment in 
AGPC because they condense on equipment, engines, and turbines at lowered temperatures. 
Depending on the end-use of the syngas, various levels of tars are allowed in downstream 
processing. While tar limits are not yet clearly defined, Milne and Evans provide a review of 
many post-process tar tolerances [23]. Processes that can reduce tar levels to less than 100 
mg/m3 under HGCU conditions must become commercially available. 
Depending on gasification conditions, tars may be composed of an extremely wide 
range of compounds. In Table 4 below, Elliot determined the chemical composition of 
biomass tars derived for a variety of thermochemical conversion processes and temperatures 
involving biomass feedstocks. In 1987, Milne and Evans suggested a systematic approach to 
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tar classification using molecular beam mass spectrometry, which included the following 
four tar classifications [24, 25]: 
1. Primary products: cellulose and hemicellulose-derived products and lignin-
derived methoxyphenols 
2. Secondary products: olefin and phenolic compounds 
3. Alkyl tertiary products: methyl derivatives of aromatic compounds 
4. Condensed tertiary products: benzene, pyrene, PAHs, naphthalene products, 
and phenantherene 
Table 4. Chemical components in biomass tars [26] 
High-
Conventional Flash Temperature Conventional Steam High-Temperature 
Pyrolysis Flash Pyrolysis Gasification Steam Gasification 
( 450 - 500°C) (600 - 650°C) (700 - 800°C) (900 - 1000°C) 
Acids Benzenes Naphthalenes Naphthalenes * 
Aldehydes Phenols Acenaphthylenes Acenaphthylenes 
Ketones Catechols Fluorenes Phenanthrenes 
Furans Naphthalenes Phenanthrenes Fluoranthene 
Alcohols Biphenyls Benzaldehydes Pyrene 
Complex Oxygenates Phenanthrenes Phenols Acephenanathrylene 
Phenols Benzofurans N aphthofurans Benzanthracenes 
Guaiacols Benzaldehydes Benzanthracenes Benzopyrenes 
Syringols 226MWPAHs 
Complex Phenols 276MWPAHs 
*At the highest severity, naphthalenes such as methyl naphthalene are stripped to simple 
naphthalene 
There are several important factors to consider when examining the formation of tars 
in a gasification system. The type of gasifier plays an important role in tar production. 
Updraft gasifiers produce above 50 g/Nm3 of tar, fluidized bed gasifiers produce around 10 
g/Nm3, and downdraft gasifiers produce the least, around 1 g/Nm3 of tars [23]. It is generally . 
accepted that higher gasification temperatures coupled with long residence times result in 
lower tar levels through thermal decomposition. Higher equivalency ratios allow for more 
oxidation of tar compounds due to increased 0 2 in the system. Finally, the fluidizing agent 
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plays a role in tar formation as well. In pilot-scale studies by Anzar showed negligible 
differences in tar formation when gasifying with air or oxygen. However, results did show a 
steam - oxygen mixture produced far less tar than steam alone because tars were oxidized to 
form simpler compounds [27]. 
Many CGCU methods have been successfully developed for tar removal. Venturi 
scrubbers and cooling towers use water droplets to condense tar to appropriate levels. Tar 
removal via wet methods is quite effective, but the tar-laden wastewater must be treated, 
which can be a major expense. CGCU also reduce syngas temperature and therefore reduce 
the thermodynamic cycle efficiency. There has been a significant amount of research 
studying dry methods of tar removal at higher temperatures, which will increase the cycle 
efficiency and reduce waste treatment. Most of these methods catalytically convert tars into 
H2 and CO. These reactions, Equation 2.2 and 2.3, decompose tars in reactions involving 
H20 and C02. 
(Eq. 2.2) 
(Eq. 2.3) 
C0 Hm + nH 20 <=> nCO + (n +; )H2 
C.Hm + nC0 2 <=> 2CO + (; )H 2 
Many primary and secondary gas cleanup catalysts have been examined for tar 
reduction [9]. Catalysts and additives tested include nickel-based catalysts, and calcium-
based sorbents (CBS) [10]. CBS are relatively effective in tar removal and will be discussed 
in the following section. Nickel-based catalysts in FBR have been proven effective in 
removing nearly 100% of heavy tars and increasing the H2 content of the syngas at the 
BECON facility at Iowa State University [28]. However, nickel-based catalysts are subject 
to poisoning from H2S in the gas stream [29, 30, 31, 32]. Therefore, an H2S absorbing FBR 
must be developed to prevent nickel-based catalysts deactivation. 
2.6 Calcium-based sorbents for syngas upgrading and contaminant removal 
Calcium-based sorbents (CBS) are of significant interest for use in gasification 
systems because they are extremely cheap and globally available. CBS include both 
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limestone, composed almost entirely of calcium carbonate (CaC03), and dolomite, which is 
composed of magnesium carbonate (MgC03) and CaC03 in varying amounts depending on 
the source. CBS increase syngas H2, reduce agglomeration tendencies of fluidized bed 
material, and remove a wide variety of contaminants in APGC utilizing gasification. 
2.6.1 Syngas upgrading and agglomeration reduction with calcium-based sorbents 
Upgrading syngas using CBS involves the catalytic decomposition of tars and heavy 
hydrocarbon gases into lighter hydrocarbon gases and H2 [9, 10, 33]. Experiments have been 
performed using CBS in the bubbling fluidized bed of a gasifier, also known as in-situ 
treatment, and in downstream FBR. In 1999, Corella determined no difference in tar 
reduction for in-situ treatment compared to downstream treatment [34]. Pilot-scale, in-situ 
tests proved a bubbling fluidized bed containing 10 wt% dolomite improved the H2 content 
of biomass-derived syngas from 26 to 39 vol%, while reducing the tar content from 11 to 5 
g/m3 [35]. These tests also concluded CBS could not achieve complete removal of tar from 
the syngas, thus requiring downstream tar removal processes. 
Fuel-bound inorganic compounds have the ability to form viscous oxide or silicate 
melts that cover dense bed particles in a fluidized bed gasifier. These sticky melts attach to 
fluidized bed material, causing defluidization and requiring the shutdown of gasification to 
replace the bed material. The use of silica sand in the dense bed promotes the formation of 
agglomerating melts due to the reaction between silica and alkali compounds [36]. Elements 
of concern include potassium (K), sodium (Na), chlorine (Cl), sulfur (S), silicon (Si), and 
phosphorous (P). Several factors, including lower temperature, fuel refinement through 
leaching, and changing bed material and size; can reduce the tendency for agglomeration. 
Adding CBS into the dense bed reduces the possibility of agglomeration because CBS 
physically absorb compounds that form sticky melts [36]. 
2.6.2 Sulfur capture using calcium-based sorbents at various atmospheres 
The reaction between CBS and sulfur species in fluidized-bed combustion systems 
has been extensively researched [37-39]. The U.S. DOE has successfully tested the LIFAC 
sorbent injection process, which injects dry calcium oxide into a 65MW coal boiler for 
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removal of S02. Testing resulted in a 70% reduction in S02 emissions with a Ca/S molar 
feedrate of 2 [40]. 
In an oxidizing atmosphere at high temperatures the CaC03 will quickly decompose 
to calcium oxide (CaO) upon entering the fluidized bed combustor (Eq. 2.4). This 
endothermic process is known as calcination. During calcination, the CaC03 off-gases C02 
until only CaO remains. Exiting C02 creates pores and fissures in the sorbent particle, which 
in tum increases the surface area and sorbent utilization. 
In oxidizing atmospheres, sulfur is converted into sulfur dioxide (S02). CaO is 
highly reactive with S02 at high temperatures (Eq. 2.5). If conditions are not met for 
complete calcination, the direct sulfation of CaC03 particles will take place (Eq. 2.6), 
however this reaction is slower than sulfur capture via CaO. Also, the sulfidation of CaO is 
an exothermic reaction while the sulfidation of CaC03 is endothermic. 
(Eq. 2.4) 
(Eq. 2.5) 
(Eq. 2.6) 
CaC03(s) <=> CaO(s) + C02(g) 
CaO( s) + S02(g) + Yi02(g) <=> CaS04( s) 
CaC03(s) + S02(g) + Yi02(g) <=> CaS04(s) + C02(g) 
In a reducing environment, such as a gasification system, over 90% of the fuel's 
sulfur is converted into H2S, with much less converted into carbonyl sulfide (COS) and 
carbon disulfide (CS2) [41]. Under ideal gasification conditions, CBS will calcine to CaO, 
which then reacts with H2S to form calcium sulfide (Eq. 2.7). If the atmosphere in the 
gasifier is unfavorable for calcination to occur, H2S is captured by calcium carbonate directly 
in a slower reaction (Eq. 2.8) [ 42]. CaO will also react with COS if present in the producer 
to form calcium sulfate (Eq. 2.9) [ 43]. 
(Eq. 2.7) 
(Eq. 2.8) 
(Eq. 2.9) 
CaO + H2S(g) <=> CaS( s) + H20(g) 
CaC03(s) + H2S(g) <=> CaS(s) + H20(g) + C02(g) 
CaO(s) + COS(g) <=> CaS(s) + C02(g) 
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Sulfur capture in a fluidized bed gasifier is influenced by the components of the gas 
stream. The extent to which calcination of CBS occurs depends on the temperature and 
partial pressure of C02. If the partial pressure of C02 in the gas stream is less than the C02 
equilibrium partial pressure of calcination, calcination will occur followed by H2S removal 
via CaO (Eq. 2.7). If the partial pressure of C02 in the syngas is higher than equilibrium of 
calcination, direct CaC03 reactions with H2S will occur (Eq. 2.8). The following correlation 
can be used to predict the equilibrium partial pressure of C02 for calcination [ 44]: 
(Eq. 2.10) log10(Pco2) = -8799.7/Tk + 7.521 
where P co2 is the equilibrium partial pressure of C02, and the T k is the operating temperature 
in degrees Kelvin. Gasifiers must be operated at temperatures high enough to calcine CBS 
and, therefore, remove the maximum amount ofH2S. Figure 7 contains a plot of equilibrium 
C02 partial pressure versus temperature using Equation 2.10. 
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At typical IGCC temperature and pressure, 950°C (1742°F) and 20 bar (290 lb/in2), it 
has been shown that calcined limestone has superior H2S removal compared to non-calcined 
limestone [ 45]. The calcination reaction is expected to occur quickly at high temperatures; 
however, complete calcination should not automatically be assumed as Adanez proved in a 
series of drop tube reactor tests under various atmospheres including inert, oxidizing, 
reduced, and noncalcining. At temperatures ranging from 700 to 1100°C (1292 - 2012°F) 
and reactions times from 0.8 to 2.4 seconds, large amounts of CaC03 remained regardless of 
the reaction atmosphere [ 46]. 
Dolomite, composed of CaC03 and MgC03, also has been tested as an H2S and tar 
sorbent in gasification systems. Like limestone, dolomite fully calcines when exposed to 
high enough temperatures and low C02 partial pressure (Eq. 2.11). At high temperatures and 
high C02 partial pressure, only the MgC03 calcines resulting half-calcined dolomite (Eq. 
2.12). 
(Eq. 2.11) 
(Eq. 2.12) 
CaC03(s) + MgC03(s) ~ CaO(s) + MgO(s) + 2C02(g) 
CaC03(s) + MgC03(s) ~ CaC03(s) + MgO(s) + C02(g) 
Even though the dolomite has half the calcium that limestone, removal of H2S for 
both sorbents are relatively equal [ 45]. The decomposition reaction of MgC03 and CaC03 
off-gases C02, which increases the porosity and surface area of the sorbents particle. If both 
and calcium and magnesium compounds in dolomite can calcine, the particle surface area 
and reactivity will be greatly increased. The increased porosity of dolomite compared to 
limestone is also theorized to be the reason the sulfation reaction for completes more quickly 
and completely for dolomite sorbents [43]. 
2.6.3 Equilibrium sulfur species in syngas 
Gasification of coal and biomass feedstocks converts fuel-bound sulfur into H2S, and 
COS to a lesser extent. Experimental data from coal gasification found the following 
relationship between COS and H2S in the syngas stream (Eq. 2.13) [47]: 
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(Eq. 2.13) 
Using experimental data, the equilibrium correlation between H2S and COS was found to be: 
(Eq. 2.14) 
where T k is the reaction temperature in degrees Kelvin, and C02 , along with all other gases, 
are the mole fractions of those gases in the syngas product stream. 
Sulfur removal via CBS in gasification systems is limited by the thermodynamic 
equilibrium in the adsorption reactions (Eq. 2.15 and 2.16). Upon examination of sulfidation 
reactions (Eq. 2.7, 2.8, and 2.9) it can be seen that a large presence ofH20 and C02 in the 
syngas stream will tip the equilibrium concentration towards higher levels of H2S remaining 
in the gas. Equilibrium correlations for sulfidation via CaO and CaC03, Eq. 2.15 and 2.16 
respectively, were reported by Goyal as the following [ 44]: 
(Eq. 2.15) 
(Eq. 2.16) 
log1o[(H20)/(H2S)] = 3519.2/Tk- 0.268 
log1o[(H20)(C02)(P)/(H2S)] = 7.253 - 5280.5/Tk 
where T k is the temperature in degrees Kelvin, P is the gasifier pressure in atm, and all gases: 
C02, H20, and H2S, are the syngas mole fractions. 
2.6.4 Disposal of CaS 
Once the CBS has reacted with H2S, calcium sulfide (CaS) is formed. Upon exposure 
to air and humidity, the CaS will slowly release sulfur in the form of H2S into the 
atmosphere. Garcia-Calzada experimented with stabilizing pure CaS particles [ 48]. Within 
24 hours 61 - 72% of the sulfur in a CaS particle was released to humidified air. This release 
of sulfur is not currently regulated, but the general consensus is to oxidize the CaS particles 
into a stable form for landfilling. 
The general method for stabilizing CaS particles involves feeding all ash/char and 
CBS into a fluidized bed combustor, where the particles oxidize to CaS04• Depending upon 
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the 0 2 concentration during stabilization, the reactions can follow any of the following paths 
[49]: 
(Eq. 2.17) 
(Eq. 2.18) 
(Eq. 2.19) 
(Eq. 2.20) 
CaS(s) + 202(g) ~ CaS04(s) 
CaS(s) + 3/202(g) ~ CaO(s) + S02(g) 
CaS(s) + 3CaS04(s) ~ 4CaO(s) + S02(g) 
CaO(s) + S02(g) + l/202(g) ~ CaS04(s) 
Complete conversion of CaS to CaS04 and regeneration of CaS to CaO is restricted 
by the varying molar volumes of the CaS, CaS04, and CaO, which can plug pores during the 
sulfidation reaction and may limit the regeneration reactions. In another study, Garcia-
Calzada found the optimum conditions for oxidative stabilization occurred between 800 -
870°C (1472 - 1598°F) with particle residence times of 3 to 5 minutes [50]. Stabilization of 
CaS particles via high temperature oxidation is a complicated problem, in that higher 
temperatures do not always mean higher conversion to stable particles. It is suggested a 
more in depth literature review is performed before the method of stabilization is chosen. 
2.7 Metal-based sorbents for H2S removal in gasification systems 
The use of metal-based sorbents (MBS) dates back to the late 1800's, when coal gas 
was first discovered and used. Town gas, containing 0. 7 - 1.0% H2S, was desulfurized with 
iron oxide (Fe203) to prevent the rotten egg smell ofH2S and to reduce corrosion of 
distribution pipes [51]. Recent studies have successfully removed H2S in simulated syngas 
streams using manganese [52], zinc [53], iron [54], and copper-based sorbents [55]. Also, 
many simulations between of the reaction between MBS and H2S have been performed. 
Elseviers and V erelst [ 56] performed desulfurization simulations using most potential MB S 
and a simulated coal gas composed of 12.5% C02, 42.5% CO, 32.175% H2, 12.5% H20, and 
3250ppm H2S. The residual H2S levels are shown in Figures 8 and 9. MBS undergo a 
sulfidation reaction with sulfur compounds in a syngas stream according to Eq. 2.21 and 
2.22, where Me represents any metal compound. 
Sul.fidation Reactions: 
(Eq. 2.21) 
(Eq. 2.22) 
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MexOy + xH2S + (y-x)H2 ~ xMeS + yH20 
MexOy + xCOS + (y-x)CO ~ xMeS + yC02 
Research involving reactions between MBS and H2S is driven by the search for low 
H2S thermodynamic equilibrium with the MBS. Some of the earliest work, conducted by 
Westmoreland, examined 28 solids with desulfurization potential [ 57] and determined 11 
solids had potential for high temperature desulfurization. These included iron (Fe), zinc 
(Zn), manganese (Mn), copper (Cu), strontium (Sr), molybdenum (Mo), vanadium (V), 
calcium (Ca), barium (Ba), cobalt (Co), and tungsten (W). The speed of desulfurization 
depends upon the reaction kinetics, which include the activation energy (Ea) and Arrhenius 
constant (ks,0 ). Table 5 lists experimental data gathered on reaction rate kinetics for several 
potential MB S. 
Table 5. Arrhenius constants for the sulfidation reaction of several MBS [58) 
ZnO MnO Cao Fe 
Ea ( cal/mol) 7240 5690 5160 3300 
ks,o (cm/s) 0.11 0.47 0.039 0.0023 
The initial reaction rates for H2S with manganese oxide (MnO), calcium oxide (CaO), 
zinc oxide (ZnO), and vanadium oxide (V20 3) were determined in a second study [59]. MnO 
was found to have the highest reaction rate. CaO and ZnO, relatively equal to one another, 
displayed the next highest reaction rate. Lastly, vanadium oxide was found to have the 
lowest reaction rate. 
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Figure 8. H2S equilibria at 1.5Mpa (56) 
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Figure 9. H2S equilibria at 1.5Mpa (56) 
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For many metal oxides, the H2S equilibria are more favorable at moderate gas 
temperatures (350 - 550°C), as can be seen in Figures 8 and 9. The shift to moderate gas 
cleanup has many benefits for desulfurization utilizing MBS in addition to lower H2S 
residuals. For many metal oxides, moderate gas cleanup temperatures impart much less 
stress on sorbent particles, reducing the attrition, sintering, and spalling that can occur at 
higher temperatures. Thermal stressing of MBS leads to diminished sulfidation and 
regeneration. 
As the search for suitable MBS continues, further restrictions have been imposed 
upon potential MBS. Narrowing MBS candidates has extended to examining more practical 
considerations through the following considerations [ 60]. 
1. low H2S equilibria between 350 - 550°C 
2. low potential for undesired reactions with syngas in reducing conditions, 
including potential side reactions with HCl, CO,and H2 
3. viability to regenerate completely back to metal oxide 
4. low potential for forming sulfates or other unwanted side reactions during 
regeneration 
Results of this study showed that V, Ca, Sr, and Ba had poor sulfidation kinetics at moderate 
gas temperatures. 
Additional practical restrictions have been examined as well. The formation of 
carbides on metal oxides must also be avoided to prevent deactivation [56]. At elevated 
temperatures in a reducing environment, such as syngas, metal oxides can reduce to 
elemental metal [ 61]. Elemental metals can continue to react with H2S but the potential 
exists for vaporization, spalling, and the loss of sorbent surface area. 
2.7.1 Mixed-metal oxides 
As discussed above, metal oxides can reduce to their elemental metals at moderate 
gas temperatures, lowering the reactivity with sulfur species. One method of overcoming 
reduction is to bind metal oxides onto a carrier such as silicon oxide (Si02), alumina (Ab03), 
and titanate (Ti02) [62]. These mixed-metal oxides (MMO) typically exhibit higher 
resistance to sorbent deactivation while providing a large surface area for desulfurization 
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reactions. A sorbent pellet preparation technique for creating MMO, as described by 
Slimane and Hepworth [63], precipitates MnO and Ah03 from an aqueous solution and 
forms them into pellets. A small amount of a binder, such as bentonite, is used to bind the 
metal oxide to the carrier. Sorbents based on MMO contain both the high reactivity of the 
metal oxide and are provided structural rigidity the carrier. However, the potential sorbent 
utilization ofMMO is decreased compared to pure metal oxide sorbents because the carrier is 
unreactive with H2S. 
2. 7 .2 Metal-based sorbent Regeneration 
The high cost of MBS demands sorbent regeneration without loss of capacity or 
reactivity. To be economically competitive with low-cost disposable sorbents, regenerable 
MBS must effectively remove H2S for at least 100 cycles [64]. Regeneration is a highly 
exothermic reaction, which can negatively impact the sorbent by causing sintering, loss of 
porosity, attrition, and sorbent cracking. Regenerative reactions occur at high temperatures 
(>500°C). MMO provide excellent support for cyclical regeneration [65]. To reduce the 
heat released during regeneration, dilute 0 2 and steam gas streams are used. Fluidized bed 
reactors are also used due to the· excellent gas - solid mixing, which also helps reduce 
chances of sorbent deactivation due to overheating. Regeneration reactions with dilute 0 2 
and steam result in dilute S02 (Eq. 2.23) and H2S (Eq. 2.24) gas streams, which require 
another sulfur cleanup process. The Direct Sulfur Recovery Process (Eq. 2.25) is a 
developing technology that uses dilute S02 to produce elemental sulfur [64]. 
Regeneration Reactions: 
(Eq. 2.23) xMeS + (x+y/2)02 ~ MexOy + xS02 
(Eq. 2.24) Mes + H20 ~ MeO + H2S 
(Eq. 2.25) xMeS + (y/2)S02 ~ MexOy + (y/2)S 
2. 7 .3 Summary of metal-based sorbents 
More complete understanding of MB S operation must be attained before 
commercialized use will be possible. There is a great deal of research examining every 
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promising metal oxide for desulfurization applications. However, testing has mainly been 
performed on simulated gas streams, which do not contain additional contaminants, tars, and 
in some cases steam. Additional contaminants include hydrogen fluoride (HF) and hydrogen 
chloride (HCl). These compounds can react with MBS to form metal chlorides [66], 
decreasing sorbent utilization. Further research needs to be conducted on real syngas streams 
to determine the effect of these additional, would-be contaminants. 
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3. EXPERIMENTAL APPARATUS AND METHODS 
3.1 Experimental apparatus 
Pilot-scale gasification experiments were performed at the BECON (Biomass Energy 
Conversion) Facility located in Nevada, Iowa and owned and operated by the Iowa Energy 
Center. Several major subsystems and components had to operate simultaneously for 
successful syngas production and cleanup. These sub systems included a seed corn feeding 
system, a fluidized bed reactor, a data acquisition and control system, particulate removal 
devices, a heat-traced gas sampling system, a FBR, equipment to monitor gas composition, 
and hydrogen sulfide measurement equipment. Figure 10 contains a schematic of the entire 
gasification system at the BECON facility. 
3.1.1. Seed corn feeding system 
The gasification system at BECON can process about 182 kg/hr (400 lb/hr) of 
biomass. Two separate feedstock-handling systems were installed and designed to handle a 
variety of feedstocks. For these tests only the seed corn feeding system was used because of 
the ease of operation and abundance of seed corn. Seed corn is an excellent fuel for 
gasification due to its high relative density compared to other biomass feedstocks and its 
spherical, uniform shape. The seed com system simply consists of a corn hopper, a metering 
auger, rotary airlock, and an injection auger. The second system was designed to insert 
switchgrass and other fibrous feedstocks into the system, which are much more difficult to 
inject without jamming equipment and gas backflow. 
A variable frequency drive (VFD) motor calibrated to control the fuel feed rate 
moves seed com out of the hopper. Once seed corn has moved past the metering auger, it 
drops onto a rotary airlock. The rotary airlock acts as a revolving door, preventing excessive 
backflow of gases from the leaving fluidized bed reactor and exiting through the com hopper. 
After passing the rotary airlock, the seed com is quickly forced into the fluidized bed reactor 
by a high-speed injection auger. 
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Feedstocks must rapidly enter the fluidized bed reactor to prevent combustion or 
pyrolysis from occurring in the injection auger housing. If thermochemical conversion 
begins in the auger housing, potentially fatal feed system malfunctions can occur. These 
include jamming of the auger due to the accumulation of pyrolysis tars and heat damage to 
the injection auger motor or rotary airlock. To prevent premature oxidation or pyrolysis of 
the feedstock, the injection auger is operated at a constant high speed. Many gasification 
systems use a water-cooled injection auger to prevent temperatures from getting to high. 
Instead, the BECON gasifier uses 566 - 850 slpm (20 - 30 scfm) of purge gas, typically air, 
through the injection auger housing into the gasifier to prevent gas backflow and to remove 
heat from the injection auger. Additionally, 227 slpm (8 scfm) air is forced into the fibrous 
feed hopper to prevent backflow through this sub-system. 
3.1.2 Fluidized bed reactor 
The gasification process occurs in an air-blown, atmospheric fluidized bed reactor, 
consisting of both a reaction section and a freeboard section. Both sections are composed of 
6.35 mm (0.25 in.) thick mild steel. The reactor section of the gasifier has an inner diameter 
of 0.457 m (18 in.) and is 1.22 m (48 in.) tall while the freeboard section is 2.44 m (96 in.) . 
high. The freeboard section has two layers of refractory; the outer layer consists of 7 .62 cm 
(3 in.) ofIRC 25 insulating refractory, the interior layer is 3.81 cm (1.5 in.) of EZ3 Lo-Erode 
ceramic refractory. This section is lined with 7.62 cm (3 in.) of EZ3 Lo-Erode ceramic 
refractory, designed to reduce heat loss via conductivity and to prevent erosion from the 
dense-bed media. 
Included in the gasifier section are fifteen ports, ten of which are used to monitor 
dense-bed temperature and pressure taps, which monitor the pressure drop across the 
fluidized bed, occupy the other five ports. The dense-bed is fluidized by an array of 32 
distributor nozzles, which forces the fluidizing medium through small holes located on the 
sides of each nozzle to prevent bed media from entering into the distributor. The BECON 
gasifier uses a blower capable of airflow rates up to 4350 slpm (150 scfm). 
Before gasification or combustion is possible, a natural gas burner heats the 
fluidization air prior to entering the fluidized bed. The burner heats the air to 732°C 
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(1350°F) and, in tum, the heated air slowly raises the bed temperature. Once the bed 
temperature reaches 288°C (550°F), biomass combustion can occur so the control system, to 
be discussed later, automatically begins to feed fuel to the reactor at 13.6 kg/hr (30 lb/hr) to 
increase the rate ofreactor heat up. At 316°C (600°F) and 427°C (800°F), the fuel feed rates 
increase to 27.2 kg/hr (60 lb/hr) and 49.9 kg/hr (110 lb/hr), respectively. At 427°C (800°F) 
the natural gas burner is shut off because feedstock combustion produces enough heat to 
raise the gasifier bed temperature to 732°C (1350°F), the temperature where reactor heat up 
is c_onsidered complete. This process usually takes between 3 .5 and 4 hours. Once steady-
state combustion has been reached the system is ready for gasification. 
3.1.3 Data acquisition and control system 
The addition of a highly automated data acquisition and control system has decreased 
the amount of labor and attention needed for a successful gasification test. The control 
system installed consists of an Allen-Bradley Programmable Logic Control (PLC) system, 
· with W onderware as the graphical user interface. The system's hardware includes 3 
thermocouple input cards, 2 analog input cards, 2 analog output cards, 1 digital input card, 1 
digital output card, and a SLC-5/05 processing unit. The system monitors all critical aspects 
of gasifier operation and automatically writes the data to a file every 10 seconds. 
The PLC system has been automated to control nearly all of the start-up, combustion, 
and gasification processes. For example, once steady-state combustion or gasification has 
been reached, the system varies the fuel feed rate to keep the reactor temperature constant. 
For the manual processes that the PLC system cannot control, automated messages pop up on 
the graphical display to remind system operators. These messages include reminders to tum 
the start up natural gas burner, the purge gas, and producer gas burner on and off. The PLC 
system may not be able to control the operation of both the natural gas burners, but it does 
monitor whether or not they are in operation. 
3.1.4 Particulate matter removal devices 
As discussed previously, fluidized bed gasification produces a significant amount of 
particulate, which must be removed to prevent post-processing equipment damage. 
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Particulate from gasification cycles includes both char and fly ash. The BECON gasifier 
employs two cyclones to remove most of the particulate larger than 10 µm. Cyclones are a 
standard for exhaust gas cleaning because they require no maintenance, impart a small _ 
pressure drop, and can handle high flow rates of exhaust gas. Cyclones force cyclonic gas 
flow causing entrained particulate to contact the outer wall and drop out of the gas stream. 
For additional particulate removal a pilot-scale counter-current moving-bed granular 
filter (MBGF) is connected to the exhaust system. Syngas flow is directed to the MBGF by a 
high-temperature butterfly valve. MBGF technology has received a good deal of attention 
lately, as it can provide continuous filtration of syngas at high temperatures and pressure [20, 
21]. MBGFs use gravity to feed inexpensive media, such as river rock, into a filtration zone, 
where the dirty gas flows through the media. As filtration occurs, pressure drops across the 
bed increase due to particulate plugging the voids. To provide a quasi-steady state pressure 
drop the dirty filter media removed at the bottom of the filter by VFD-controlled auger and 
new media moves into the bed. 
3.1.5 Gas sampling system 
To analyze the gas stream a slipstream of syngas must be drawn and fed to gas 
analysis equipment. However, the syngas contains particulate, tars, and moisture, all of 
which must be removed prior to the gas analysis equipment. The gas stream is drawn 
downstream of the first cyclone so much of the particulate will be removed. A sample probe 
is oriented facing downstream in the exhaust duct to reduce the amount particulate entering 
the slipstream. To prevent the condensation of water and tars, the sample line is heat-traced 
and insulated. K-type thermocouples are wrapped into the heat tapes and monitor the sample 
line temperature. Proportional-Integral-Differential (PID) controllers are programmed for a 
1.5 hour warm up to 450°C (842°F) to prevent the heat tapes from burning out and provide 
power to keep the sample line temperature at 450°C. All of the sample line heated to 450°C 
is composed of 9.53 mm (0.375 in) O.D. stainless steel tubing with Swagelok fittings. 
The slipstream enters an insulated filter box; heated with three W atlow finned heaters 
and a PID controller manages the temperature with a K-type thermocouple. A flanged 
thimble filter housing is located inside the filter box. Inside the flanged housing a quartz 
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thimble filter removes particulate matter larger than 5 µm. Between every test the thimble 
filter, copper flanges, and bolts are replaced. Once reassembled, the sample line is pressure 
tested to 0.345 bar (5 psi) to ensure no leaks are present. If the weight of particles removed 
from the slipstream is of interest, the filter is desiccated then weighed prior to a test. After 
the test is complete, the sample line is disconnected from the exhaust duct and purged with 
nitrogen gas, which forces any particulate accumulated in the sample line into the filter. The 
filter is then removed and undergoes a second desiccation at 105°C (221 °F) before being 
weighed. 
Once the particulate matter is removed, the sample line can either exit the filter box 
or flow through a FBR. The FBR will be discussed below. Upon exiting the insulated filter 
box, the gas is ready for tar removal. Tars can be removed by several methods but the 
method of choice for these tests utilized a pressure cooker heated to 102°C (2 l 6°F} and a tar 
condenser coil composed of 6.1 m (20 feet) of Santoprene tubing. To accurately determine 
the tar concentration, the Santoprene tubing is desiccated at 105°C prior to testing and 
weighed. Downstream of the condenser coil but still within the pressure cooker is a steel 
canister that is packed with 8 µm glass wool. The glass wool provides a large, relatively 
cool surface area for tars to condense upon. The glass wool also is weighed prior to testing. 
After a test both the tar condenser coil and glass wool-packed steel canister are dried and 
weighed 
Gas exiting the tar condenser is assumed to be tar-free, so the remaining sample line 
is composed of9.53 mm (0.375 in.) O.D. Perfluoroalkoxy (PFA) tubing and is heated to 
110°C (230°F) to prevent steam from condensing in the sample line. Preventing water 
condensation is necessary because H2S dissolves in water, thus decreasing H2S prior to 
measurement. The gas then flows through a PF A needle valve, which regulates the gas 
sample rate, and into a sample pump. The sampling pump, manufactured by Air Dimensions, 
Inc., is heated to 110°C (230°F) to prevent water condensation and has Teflon-lined 
diaphragms to prevent contaminants, such as H2S from absorbing into the pump. 
Downstream of the sampling pump is the H2S sampling port, which is a PF A 'T' fitting with 
a removable plug for sampling. 
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Once the H2S sampling port has been passed, steam in the syngas is condensed in 
three glass wool-packed impingers cooled to 0°C (32°F) in an ice water bath. Again, the pre-
test and post-test impinger train weights are recorded if syngas moisture concentration is to 
be determined. A small amount of tar also condenses in the impinger train, however the 
amount of tar is negligible compared to the condensed water. The syngas slipstream then 
flows through a wide-open rotameter, which measures the gas flow rate. Then a volumetric 
gas meter records the total sampled gas volume. Finally, the tar-free, dry syngas flows to a 
Micro-Gas Chromatograph and onto a Continuous Emissions Monitor (CEM) for 
determination of syngas composition. The Micro-Gas Chromatograph and CEM will be 
discussed in-depth in a later section. Figure 11 contains a schematic of the entire gas sample 
line. 
3.1.6 Fixed bed reactor for syngas desulfurization 
As previously discussed, H2S is the main chemical contaminant in syngas and nearly 
complete removal is necessary prior to post-processing applications. To test H2S removal 
using a variety of metal-based sorbents, a FBR is included in the heated, insulated filter box. 
The FBR was fabricated from an existing thimble filter housing and plumbed into the system. 
Figure 12 illustrates how two stainless steel cylinders were added to the thimble filter 
housing to create the FBR. A stainless steel wire mesh with 1.16 mm (0.0455 in.) openings 
was sandwiched between the two cylinders to provide support for the bed of sorbent 
particles. AK-type thermocouple was installed to measure the sorbent bed temperature. A 
non-reactive, high-temperature caulk was applied to the top-most cylinder to ensure no 
syngas bypassed the sorbent bed. 
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Figure 12. Fixed bed reactor schematic 
3.1.7 Gas analysis equipment 
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For gas analysis, the BECON gasifier employs two on-line instruments: a Varian 
Micro-Gas Chromatograph (Micro-GC) and an online Continuous Emissions Monitor (CEM) 
system. The Micro-GC contains two separate columns, used to measure a variety of gases. 
The CP-SIL column measures 5 gases, including: hydrogen (H2), oxygen (02), nitrogen (N2), 
methane (CH4), and carbon monoxide (CO). The second column is a PPQ column, which 
measures: carbon dioxide (C02), ethylene (C2H4), acetylene (C2H2), ethane (C2H6), and 
propane (C3H8). The Micro-GC quantifies gas composition with a Thermal Conductivity 
Detector (TCD). Before each gasification test the Micro-GC's calibration is checked using 
two gas cylinders that contain gas compositions near to syngas composition. The calibration 
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is checked after each test too, in case the Micro-GC has shifted during testing. If the 
calibration gas is not measured within 5% accuracy, a complete recalibration is performed. 
The Continuous Emissions Monitor (CEM) system provides real-time measurement 
of 4 main syngas components: H2, C02, CO, and 0 2. The CEM system includes two 
analyzers. For hydrogen measurement, a Nova Hydrogen monitor samples roughly 0.5 slpm 
of syngas. The Nova analyzer quantifies H2 with a TCD. The remaining 3 gas components 
are measured with a California Analytical Model 300 continuous emissions monitor that 
draws from 1to2.5 slpm. The device uses a non-dispersive infared (NDIR) detector to 
quantify CO and C02 and quantifies oxygen with an XLT-39-11 Oxygen Sensor 
manufactured by California Analytical Instruments. The CEM is calibrated prior to each test 
using a non-reactive gas, N2, to zero all analyzers and 4 span gas tanks composed of 100% 
H2, 21 % 02, 60% CO, and 40% C02, with the balance of each tank being N2. At the end of 
each sampling period, the 'drift' of each analyzer is measured by repeating the pre-test 
calibration and recording the measurements. However, the 'drift' was typically less than 1 % 
and corrections to gas composition data were deemed unnecessary. 
3.1.8 Hydrogen sulfide measurement 
Careful sampling and analysis procedures are required for accurate measure~ent of 
H2S. This is due to the high reactivity of H2S with water and materials typically used for the 
slipstream sample line. H2S can absorb into the stainless steel tubing and fittings, which 
were used to construct the 450°C portion of the sample line. To overcome H2S adsorption, 
all steel tubing and fittings were Sileo treated by the Restek Corporation, which applies a 
silica coating to metal surfaces. The Sileo treatment was also applied to thimble filter 
housing and all FBR components. The treatment does not ensure there will be no H2S 
sorption, but it does significantly reduce the likelihood. The low temperature (110°C) 
portion of the sample line, composed of PF A tubing and fittings, were chosen because of 
they are considered to be non-reactive with H2S. Several successful experiments were 
performed to verify no H2S was absorbed. 
The tar condenser system was specifically designed to remove tar, but retain H2S in 
the gas stream. Several types of tubing were tested under simulated testing conditions to 
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determine whether H2S removal would occur. Both Santoprene and PF A tubing performed 
successfully, but Santoprene tubing was chosen for these tests because it is much less rigid 
than the PF A tubing so kinking concerns were reduced. Also, the tar condenser's steel 
canister was Sileo treated while the glass wool is non-reactive with H2S. As discussed 
above, the sampling pump, purchased from Air Dimensions, was specifically chosen to 
reduce chances of H2S sorption. 
To quantify H2S, Gastec sampling tubes were purchased from Gastec. The glass 
tubes are completely sealed and contain lead acetate crystals. To make a measurement, both 
ends of sample tube are broken. Then the tube is attached to a hand-operated Gastec sample 
pump. The tube is placed in the slipstream and the pump is drawn to sample 1 OOml ( 6.1 in3) 
of syngas. It takes about 30 seconds to draw a sample and the sample pump signals to the 
user once the complete sample has been drawn. The sample tubes measure within a specified 
range; so several different models of tubes were purchased to accurately quantify H2S 
regardless of quantity. The models used were 4HM, 4LL, and 4LT, with ranges from 50 -
800 ppm, 0.25 - 60 ppm, an 0.2 - 2 ppm, respectively. H2S reacts with lead acetate 
(Pb(CH3C00)2), as shown in Equation 3.1, causing a change in color from white to brown. 
More H2S in the sample causes color changes farther down the tube, which has a linear scale 
used to read the H2S measurement 
(Eq. 3.1) 
Prior to gasification experiments, validation tests were performed to test the accuracy 
of the H2S measurement with the entire system operating as though it were a real test. A 200 
ppm H2S gas stream, with an N2 balance, was sent through the sampling system and very 
accurate measurements were made. The Gastec tubes accuracy is rated to within 25% of the 
measurement; however, validation tests resulted in accuracies closer to 10% of the 
measurement. 
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3.2 Experimental methods 
Two series of experiments testing hot gas cleanup were performed using the pilot-
scale, fluidized bed gasifier at the BECON facility. The first series of experiments tested the 
effects of varying ratios of sand and limestone in the fluidized bed reactor. The second set of 
experiments examined H2S removal using a FBR at moderate gas cleanup temperatures (350 
-450°C). 
Prior to in-situ testing, the fluidized bed media was added to the reactor. It was 
determined that twelve 22. 7 kg ( 50 lb) bags of limestone and sand were needed to fill the 
reactor to an acceptable level. River Products, Inc of Iowa City, IA provided the limestone 
and sand. The limestone was at least 95% CaC03• Particle size distribution information for 
limestone and sand particles is located in Appendix A. The ratios of sand to limestone tested 
were: 100/0, 67 /33, 50150, 0/100. As Figure 13 shows, a substantial portion of the gasifier 
media sits below the air distribution nozzles and is therefore unused during a gasification 
experiment. Limestone and sand was added in a predetermined, alternating order to 
guarantee the correct sand to limestone ratio was present throughout the fluidized bed 
reactor. 
Distributor 
nozzles 
Used gasifier 
media 
~ Biomass feed 
Unused 
gasifier media 
Figure 13. Schematic fltlidized bed gasifier media usage 
During each test, operating parameters of the gasification system were kept constant 
to prevent additional, unwanted effects on the results of interest. Prior to the sampling of 
syngas 30 minutes of constant-temperature gasification was allowed so the bubbling 
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fluidized bed could be assumed to be operating as a steady-state reactor. The temperatures of 
most of the syngas sample line and tar condenser coil were kept constant for every test. The 
FBR housing was the only portion of the sample line where temperature was varied. 
Since varying the gasifier equivalency ratio (ER), defined in Eq. 2.1, would have 
caused major effects on the syngas composition, air flow to the gasifier was held constant at 
2.55 standard m3 /min (90 scfm). As discussed in Section 3.1.1, purge gas must be added to 
both the fibrous feed hopper and to the injection auger, which performs double duty by 
eliminating backflow and cooling the injection auger. Purge gas to the injection auger was 
kept at 0.79 standard m3/min (28 scfm) for every test. The flow of purge gas to the fibrous 
feed hopper only prevents backflow of syngas, so it was kept at 0.23 standard m3 /min (8 
scfm) for each test. After combustion brought the fluidized bed temperature up to 732°C 
(1350°F), the system was then switched to gasification mode. During steady-state 
gasification the seed com feed rate was about 171.1 kg/hr (375 lb/hr) and the air blower rate 
was set to 2549 slpm (90 scfm). Since temperature plays a large role in the effect of 
limestone on syngas upgrading, steady-state gasification temperatures examined in various 
experiments included 732°C (1350°F), 788°C (1450°F), and 843°C (1550°F). 
After steady-state gasification conditions were achieved, the cyclone barrels were 
replaced with empty ones so a fly ash and char collection rate could be determined. During 
heat up, the CEM and Micro-GC' s calibrations were performed, and gas sampling started 
once steady-state gasification had been declared. The rate of the syngas sampling through 
the FBR was controlled by a rotameter. The pre and post-test gas flow meter reading was 
recorded, along with the sampling start and stop times. Both Micro-GC and CEM measured 
gas composition data for the duration of sampling. After several hours of steady-state 
operation and sampling, the sample line was shutoff and the cyclone barrels were weighed to 
the determine cyclone collection rate. 
The FBR tests were started up in the same fashion as in-situ limestone tests, however, 
the limestone to sand ratio was not of concern and new bed material was not used for each 
test. Also, the cyclone collection rate and producer gas flow rate were not monitored. Since 
limestone becomes deactivated during testing, 4.5 - 6.8 kg (10- 15 lb) of limestone were 
added to the fluidized bed during each test to help prevent fluidized bed agglomeration. Gas 
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sampling started after 30 minutes of steady-state gasification and the FBR had reached the 
appropriate temperature. H2S measurements were recorded to establish a baseline H2S level 
in the syngas. These measurements were between 200 and 300 ppm H2S depending on the 
test. Two sorbents were tested in the FBR; pure ZnO particles, provided by ZoChem of 
Ontario, Canada, and Mn0-Ah03 pellets, provided by the Gas Technology Institute located 
in Des Plaines, IL. More information regarding the tested sorbents is located in Appendix B. 
Once the baseline was established, sampling was stopped and the FBR-bypass needle 
valve was closed. The needle valve immediately downstream of the FBR was then opened to 
allow gas flow through the FBR. Gas sampling started again at a flow rate that varied, 
depending on the residence time under investigation for the test. During sampling the 
temperature in the FBR was monitored because of the possibility of exothermic side-
reactions between syngas contaminants and the sorbent. After 15 minutes of sampling 
through the FBR, H2S measurements were taken and recorded. H2S measurements continued 
until steady-state FBR operation was verified. Then sampling was stopped until operating 
conditions, such as the gas flow rate and FBR temperature, were changed and H2S 
measurements started again. Once the FBR testing was considered complete, the appropriate 
needle valves were reopened and close so a post-test H2S measurements could be taken in 
case the partial pressure of H2S in the syngas had changes due to operational variations in the 
fluidized bed reactor. 
There was no repeat testing of sand/limestone ratios and gasification conditions. 
Therefore the accuracy and precision of tar and water concentration measurements could not 
be determined using statistical methods. The method used for tar condensation was recently 
developed at Iowa State and future testing will include repetition testing to determine the 
accuracy and precision. The Micro-GC and CEM measurements were checked with each 
other for agreement. Also, the CEM and Micro-GC are calibrated or have their calibration 
checked before and after each test. All gas composition measurements are assumed to be 
within 1 vol-%. The Gastec sampling tubes are rated accuracy within 25% of the measured 
value, but steady-state testing resulted in standard deviations within 5-10% of the measured 
value. 
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4. EXPERIMENT AL RESULTS AND DISCUSSION 
4.1 Experiment Design 
Experiments were designed to remove contaminants from a biomass-derived syngas 
stream on a pilot-scale gasification system. The first series of experiments investigated the 
ability of in-situ limestone to remove tar and H2S from the syngas. Parameters examined 
include steady-state gasifier temperature and the ratio of sand to limestone in the dense bed. 
The second series of experiments focused on H2S removal from a syngas stream using a 
fixed bed downstream of the gasifier. Temperature, bed weight, and gas flow rate were 
varied to determine their effects on reducing H2S levels. 
4.2 Varying limestone to sand ratios for in-situ syngas cleanup 
Previous works have examined the ability of limestone to increase syngas quality in 
fluidized bed gasifier systems [9, 10, 35]. In-situ limestone upgrades the syngas quality by 
acting as a porous catalyst to crack tars and promote the water-gas shift reaction. Trace 
contaminant compounds physically adsorb to limestone particles. Also, in-situ limestone 
prevents the bubbling fluidized bed from agglomerating at higher temperatures, where 
agglomeration would occur without limestone. As mentioned previously, higher 
temperatures also help catalysts reduce the tar loading in the syngas. 
Contaminants examined in these experiments included tar, particulate matter, and 
H2S. Additional contaminants such as HCl and ammonia are also of concern, but were not 
examined in these experiments. Background experimental work determined 200 ppmv, a 
typical measurement recorded during syngas sampling, of H2S, could be successfully 
measured in an experiment simulating real test conditions, except for the gas stream was 
0.02% H2S with a balance of N2• Background work on HCl has been performed, however, it 
is yet unclear whether or not HCl will adsorb onto components of the sampling .system 
during a real syngas test. 
4.2.1 Effect of temperature 
The effect of varying gasification temperature was expected to decrease the tar 
concentration due to the thermal decomposition of tar. Increased thermal decomposition is 
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expected to result in more H2 and C02 in the syngas stream. Table 6 contains data from two 
tests run with no in-situ limestone present and Table 7 contains data from a test with a 50/50 
mix of sand and limestone. Figures 14 and 15 are graphs that display the effect of varying 
the gasifier temperature on the syngas tar and H2 concentration, respectively, for both a 100/0 
and 50/50 mixture of sand and limestone. 
Table 6. Effect of temperature on a 100/0 mixture of sand and limestone bed 
Gas Composition 
Gasification Tar 
Temperature H2 C02 co 02 Loading 
Test Name (oC) (vol-%) (vol-%) (vol-%) (vol-%) (2fm3) 
densebed 01 732 2.7 17.6 14.3 0 19.4 
densebed 04 788 4.3 18.2 13.8 0 16.6 
Table 7. Effect of temperature on a 50/50 mixture of sand and limestone bed 
Gas Composition 
Gasification Tar 
Temperature H2 C02 co 02 Loading 
Test Name (oC) (vol-%) (vol-%) (vol-%) (vol-%) (g/m3) 
densebed 02 732 6.4 18.5 12.8 0 13.8 
densebed 11 788 9.6 19.1 11.7 0 6.3 
densebed 14 843 8.9 16 16.4 0 7.8 
Referring to Table 6, increasing the steady-state gasification temperature by 3 7 .8°C 
(100°F) resulted in a modest increase in H2 concentration from 2.7 to 4.3 vol-%, 
accompanied by a decrease in the tar loading from 19.4 to 16.6 g/m3. A small increase in 
C02 was also measured. Since no limestone was present, the only method for decreasing tar 
concentration in the syngas was thermal decomposition. 
The data in Table 7 was recorded with a 50/50 sand/limestone fluidized bed. The 
results are similar in that increasing the temperature improved the syngas quality. However, 
increasing the gasification temperature from 732 to 788°C decreased the tar loading by 
54. 7% with 50% in-situ limestone present, compared to 14.4% for the experiments with no 
limestone present. This large drop in tar concentration has a two-fold explanation. As with 
the results with no limestone, thermal decomposition likely played a small role in the 
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reduction of tar. Increased limestone activity must have caused the very large drop in tar 
from 732°C to 788°C. Limestone has been shown to become more active at higher 
temperatures and when calcined [23]. The limestone was calcined for these tests since the 
BECON gasifier syngas typically contains 0.15 - 0.20 vol-% of C02. Refer to Appendix D 
for typical syngas composition calculations. Examining Figure 7 shows that calcination will 
begin to occur below 700°C for the partial pressure of C02 in this syngas. 
As can be seen in Figures 14 and 15, increasing the gasification temperature from 
788°C (1450°F) to 843°C (1550°F}impacted the tar concentration and H2 content of the 
syngas negatively. Accompanying the increased temperatures were a decrease in C02 and a 
large increase in CO, which is explained by a decrease in the WGS reaction. Results for the 
50150 sand/limestone bed with a temperature increase from 788 to 843°C exhibit a decrease 
in catalytic activity for in-situ limestone. It is thought that thermal stress of operation at 
843 °C caused the in-situ limestone to sinter, which blocks pores and reduces the particle 
surface area. These findings show steady-state gasification at 788°C provided the most 
benefit for HGCU with. in-sim limestone use. Running the gasifier at 843 °C with no 
limestone present was not attempted due to agglomeration concerns. 
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Figure 15. Effect of gasifier temperature on syngas composition 
Even though the tar measurement appears to increase in Figure 14, the potential error 
of the measurement is unknown. It could be that the tar measurements at 788 and 843 °C are 
equal, with error bars taken into account. However, the increase in tar loading at 843 °C is 
matched by a decrease in H2 concentration, as seen in Figure 15, which supports the notion 
of decreased limestone activity at 843 °C. 
4.2.2 Effect of varying sand/limestone ratio 
A series of gasification experiments were carried out with at both 732 and 788°C with 
a new gasifier media bed for each test in an attempt to find the most beneficial ratio of sand 
to limestone. Results from the experiments at 732°C are located in Table 8. The results of 
in-situ experiments at 788°C are located in Table 9 and displayed in Figures 16 - 20. 
For both series of experiments the tar concentration, gas composition data, and 
cyclone collections rates were recorded. However, during the tests at 732°C, it was 
discovered that the first cyclone, which typically collects > 90% of the particulate matter, 
was damaged, causing erratic cyclone collection rate data. The gas composition data 
displayed were collected with the CEM. The Micro-GC was not operating correctly for all 
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tests, thus only CEM data is displayed for comparison. The experiments at 788°C measured 
the water and H2S concentrations in the syngas while the experiments at 732°C did not. 
At 788°C, the effect of varying the in-situ sand/limestone ratio on the tar . 
concentration is shown in Figure 16. As expected, increasing the amount of limestone in the 
gasifier bed reduces the tar concentration due to increased catalytic decomposition of tar. 
However, increasing the sand/limestone ratio from 67 /33 to 50150 resulted in an almost 
insignificant decrease in the tar concentration of the syngas. Further increasing the amount 
of limestone from 50 to 100% again provides no significant gain tar reduction. 
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Figure 16. Tar concentrations for varying sand/limestone ratios at 788°C 
The effect of in-situ limestone use on the water concentration of a syngas stream can 
be examined in Figure 17. As shown in Figure 16, the concentration of water in the syngas 
decreased with increasing fraction of limestone used as bed media. However, like the effect 
of limestone on tar concentrations, the effect of limestone on water concentration is not linear 
but approaches a point where increasing limestone does not affect water concentration. In a 
similar study, Corella measured decreased water in the syngas for increasing amounts of 
limestone use [34]. Two reactions may be responsible for the decreased water content of the 
syngas with increased in-situ limestone. The water-gas shift reaction (WGS) (Eq 4.1) is an 
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exothermic reaction by which water and CO are consumed to produce H2 and C02. 
Enhancement of the WGS reaction is beneficial to heating value of the syngas. The second 
reaction (Eq 4.2) uses water to help decompose tars to produce CO and H2. 
(Eq 4.1) 
(Eq 4.2) 
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Figure 17. H20 concentrations for varying sand/limestone ratios at 788°C 
The gas composition data for varying in-situ sand to limestone ratios at 788°C is 
found in Table 9 and is graphically displayed below in Figure 18. Increasing the limestone 
content of the gasifier bed increased both the H2 and C02 concentrations while decreasing 
CO. Including 33% in-situ limestone, the H2 composition of the syngas more than doubled 
from 4 to 8.9%. As with tar and water concentrations, the effect of increasing the limestone 
content above 3 3 % was marginal compared to the increase from 0 to 3 3 % limestone. 
Observing the increase in both H2 and C02, accompanied by the decrease in CO, points to the 
ability oflimestone to catalyze the WGS (Eq. 4.1). Since tar levels were reduced for 
increasing in-situ limestone use, steam-enhanced decompositon of tars may be occurring. 
However, the CO levels in the syngas decrease for increasing limestone. It may be that CO 
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is being created via catalytic tar decomposition (Eq. 4.2), but then reacts with water in the 
WGS reaction. All data from the experiments examining various in-situ limestone ratios 
suggests a 3 3 % limestone is the optimum ratio since further increases in limestone do not 
yield significantly better syngas. Appendix D contains more detailed information from the 
33% limestone test, densebed_15, including calculations determining syngas energy values 
and molar flow rates calculations. 
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Figure 18. Syngas composition for varying sand/limestone ratios at 788°C 
The cyclone collection rates were a combination of both cyclone catches, which 
contained fly ash and char. As Figure 19 illustrates, the effect of increased in-situ limestone 
in the fluidized bed is that the cyclone collection rates increased as well. To determine the 
char content of the cyclone catch, the cyclone catch was heated to 850°C (1562°F) for 14 
hours. The char, composed of unburned carbon, oxidized and left only inorganic compounds 
behind. Table 10 contains data on the % char caught by the first cyclone for three 
experiments with varying amounts of in-situ limestone. 
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Figure 19. Cyclone collection rates for varying sand/limestone ratios at 788°C 
Table 10. Results from burning cyclone catch char 
Sand/Lime % 
Cyclone Char 
Test Name 
Ratio Char 
Collection 
Rate k 
densebed 12 10010 84.3% 7.2 
densebed 11 50150 85.1% 9.3 7.9 1.4 
densebed 13 01100 67.2% 11.3 7.6 3.7 
The results show there is little difference between the amount of inorganic 
compounds in the cyclone catch for either a 10010 or a 50/50 sand/limestone bed. The 
cyclone catch from densebed _ 13, containing 100% limestone, did include a substantial 
amount of inorganic compounds, about a third. Therefore, for the 100% in-situ limestone 
test, the increased cyclone collection rate was due to limestone elutriation. The results in 
Table 10 also provide information on the amount of carbon that exits the fluidized bed 
reactor prior to utilization. High carbon conversion is beneficial since any unburned carbon 
leaving the bed represents lost syngas energy. The carbon content leaving the BECON 
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gasifiers during these tests was higher than desirable. More complete carbon conversion 
could be accomplished if the cyclone catch was reinjected into the gasifier. 
4.2.3 Effect of in-situ limestone on fluidized bed agglomeration 
Prevention of agglomeration occurring in the fluidized bed during gasification is 
necessary for long-term gasifier operation. If the fluidized bed does agglomerate completely, 
the media quickly defluidizes, which stops media and feedstock mixing. The fluidized bed 
must then be shut down, cleaned, and a fresh media bed is added. Though the phenomenon 
is not completely understood, some materials have shown the ability to prevent 
agglomeration from occurring [36]. In-situ limestone, in addition .to the many other benefits 
it provides to gasification processes, is heavily used in gasification systems to prevent 
agglomerate melts from forming. 
Two gasification experiments were performed without the use of any limestone in the 
fluidized bed to determine gas composition and tar concentration. The steady-state 
gasification temperatures used for the two tests, densebed_Ol and densebed_04, were 732°C 
(1350°F) and 788°C (1450°F), respectively. A small amount of agglomerates were found in 
the gasifier media after each test. When large amounts of agglomeration occurs the 
thermocouples that are dispersed evenly throughout the fluidized bed record a divergence of 
temperatures, which are usually very close to one another. Temperature divergence was not 
recorded for these tests. 
For all of the other gasification tests performed, limestone made up at least 33% of 
the fluidized bed media. Not one test resulted in the formation of any agglomerates. A fixed 
bed reactor test, FBROS, examined the long-term ability of pure ZnO particles to absorb H2S. 
In addition to providing data on desulfurization, the 10 hours of steady-state gasification with 
a 33% in-situ limestone bed resulted with no agglomeration. 
4.2.4 Effect of in-situ limestone on H2S 
Utilizing in-situ limestone also has the potential to reduce H2S levels in the syngas 
stream. As discussed by several researchers, CBS only have the potential to reduce H2S 
levels in the syngas stream to between 100 and 200 ppmv [43, 44, 47]. All of these studies 
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examined the effect of CBS on coal-derived syngas, which has H2S levels one order of 
magnitude higher since the sulfur content of coal is typically 1 - 3%. In-situ desulfurization 
works well as a bulk desulfurizer in coal gas systems, with removal efficiencies up to 90% 
[44]. Because seed com will theoretically cause such low H2S levels to start with, in-situ 
desulfurization via CBS does not have potential for substantial H2S removal. 
Hazen Research of Golden, CO, performed a total sulfur content analysis on the 
obsolete seed com feedstock and found the sulfur content to be 0.1 %. The content was 
determined by using ASTM D 4239-85, the standard test method for sulfur analysis in a 
sample of coal and coke. Using this method, the sample was combusted in an oxygen stream 
and the gas stream then passed through a cell in which sulfur dioxide is measured by an 
infrared absorption detector. This measurement, along with the typical biomass feedrate, 
gasification temperature and syngas flow rate values were used to calculate an exp~cted H2S 
ppm calculation in the seed com-derived syngas stream. This calculation, located in 
Appendix C, resulted in an expected H2S level around 440 ppm in the syngas stream. 
Table 11 displays the experimental H2S levels in the syngas stream. Without any 
limestone present in the gasifier the H2S reading is only 260 ppm when theoretical 
calculations estimate 440 ppm. This difference has many possible explanations. Upon 
entering the fluidized bed gasifier, the sulfur may react with 02, thus creating S02 in addition 
to H2S. However, no discussion of S02 in gasification systems was found in the literature 
review. To ensure no S02 existed in the syngas, S02 detection were purchased from Gastec 
and used during a gasification experiment. The lowest limit of these tubes was 0.5 ppm and 
no S02 was detected throughout the test. 
Table 11. H2S levels in syngas for varying sand/limestone ratios 
Gasification 
Sand/Lime Temperature H2S 
Test Name Ratio (oC) (ppm) 
dense bed12 100/0 788 260 
dense bed15 67/33 788 200 
dense bedl 1 50150 788 200 
dense bed13 0/100 788 200 
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Another possibility is that the sulfur stays bound with the char and fly ash particles 
as they elutriate from the bubbling, fluidized bed. Two samples were sent to Hazen Research 
for total sulfur and chlorine content analyses and the results are located in Table 12. ASTM 
Method D 4239-85, described earlier, analyzed the total sulfur content. To measure the total 
chlorine content, ASTM Method D 2361, was employed. The sample was combusted in an 
oxygen bomb. The resulting solution is then titrated with a AgN04 solution to determine the 
chloride. The amount of sulfur measured in the cyclone catch for densebed _ 11 and 
densebed_12 accounts for 0.006 kg S/hr and 0.004 kg S/hr, respectively while 0.18 kg S/hr is 
fed to the gasifier in the feedstock. Therefore, the missing sulfur must be elsewhere. As 
discussed in the literature review, sulfur can react with the fluidized bed media and be 
retained in the gasifier bed [36]. However, analyses of the sulfur content in the fluidized bed 
media were not performed. 
Table 12. Sulfur and chlorine content of cyclone catch 
Gasification 
Sand/Limestone Temperature Sulfur Chlorine 
Test Name Ratio (oC) Content Content 
densebed 11 50150 788 0.06% 0.037% -
densebed 12 10010 788 0.06% 0.031% 
An additional possibility resulting in H2S measurements lower than theoretically 
expected includes absorption of sulfur compounds by the gasifier refractory, composed of a 
calcium-containing castable ceramic, and the syngas ducts, composed of mild steel. 
Another possibility is that the H2S measurement made by the Gastec sampling tubes had poor 
accuracy. Gastec sample tubes have a rated accuracy of ±25% of the measured value. 
Experimentally, a 200 ppm H2S tank, balanced with N2 was sampled successfully under 
simulated testing conditions with a standard deviation ofless than 10 ppm. However, there 
could be inaccuracy due to interference reactions between the lead acetate in the sample 
tubes and syngas compounds other than H2S. Gastec does provide reference material on 
compounds known to cause interferences. This material was checked prior to purchasing the 
sampling tubes and none of the listed interferences are present in syngas. However, other 
interferences may exist of which Gastec is unaware. If interferences do exist, they would 
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likely cause a shift in the H2S reading that would be relatively constant for each sample. 
Consequently, the H2S levels would still provide qualitative data, but not qualitative. 
Disregarding the lack of a sulfur mass balance for the system and the possibility of 
H2S sampling inaccuracies, the H2S levels recorded in Table 11 were relatively unaffected 
by increasing in-situ limestone. With no in-situ limestone the measured value of H2S was 
260 ppm. All subsequent tests with limestone resulted in H2S measurements of around 200 
ppm with 10-20 ppm of standard deviation. 200 ppm H2S is quite close to the equilibrium 
H2S level with CBS present. These results verify the inactivity of CBS for removing H2S for 
fluidized bed-sized particles with such low contaminant levels at temperatures between 732 -
843°C. 
4.3 Fixed bed reactor desulfurization 
Two MBS were tested for biomass-derived syngas desulfurization in a fixed bed 
reactor. The first sorbent tested was pure zinc oxide (ZnO) particles provided by Zochem of 
Toronto, Ontario, Canada. The 1 mm particles were greater than 99.9% pure ZnO and had a 
surface area of 3 .5 m21 g, which was determined by a BET surface area test. The Gas 
Technology Institute of Des Plaines, Illinois provided the second sorbent, which was a 
mixed-metal oxide (MMO) sorbent composed of manganese oxide with a aluminum oxide 
binder. This pelletized sorbent had a BET surface area of9.2 m2/g and the particles sizes 
ranged between 2 and 3 mm. Appendix B contains more complete sorbent information. The 
syngas concentration for all FBR tests averaged 7 vol-% H2, 51 vol-% N2, 12 vol-% CO, and 
17 vol-% C02 on a dry-gas basis. The syngas concentrations deviated at most 2% from these 
levels, which would not have effected the operation of the sorbents. 
The first FBR experiment performed, FBRO 1, had no sorbent in the FBR, but rather 
contained non-reactive 1 mm glass beads with a bed depth of 6.1 cm (2 in.). A baseline H2S 
of 243 ppm was established, then gas was redirected through the FBR where the H2S 
measurement averaged 238 ppm. After 30 minutes of sampling through the FBR, a post-test 
baseline of 240 ppm was recorded. This test provided confidence in the ability of the empty 
FBR to operate leak-free without removing significant amounts ofH2S. 
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4.3.1 ZnO sorbent desulfurization 
The first test performed with the ZnO particles, FBR02, was a shakedown run where 
the sample line was setup and operated exactly as it would have been during a real syngas 
desulfurization test. Instead of sampling real syngas, a gas with 200 ppm H2S with a N2 
balance was pulled through the system. After three, steady baseline measurements averaging 
193 ppm H2S were recorded; the syngas was redirected to flow through the FBR. The FBR 
contained 63.26 g (0.139 lb.) of ZnO, had a bed depth of 6.35 cm (2.5 in.), and was operated 
at 450°C (842°F). Two gas sampling rates were sent through the FBR, 0.5 and 1.0 slpm. 
Calculations of the FBR setup determined a reactor residence time, tres, of about 0.57 seconds 
for 0.5 slpm and 0.29 seconds for 1.0 slpm. This calculation, seen in Equation 4.3, included 
the sorbent voidage, Em, to provide a more accurate residence time estimate than the more 
typical residence time calculation (Equation 4.4). Results from this shakedown test are 
located in Table 12. 
(Eq. 4.3) 
(Eq. 4.4) 
t = Vreactor *Em 
res Q 
sample 
t = vreactor 
res Q 
sample 
The results in Table 13 provided confidence in the ability of ZnO to react with H2S. 
At the 0.5 slpm sample rate no H2S was measured and at 1.0 slpm only 2 ppm of H2S was 
recorded. Also, the baseline results provided confidence in the ability of the Gastec sampling 
tubes to accurately measure H2S in the system without any syngas components. 
Another experiment, FBR08, tested the ability of ZnO to remove H2S in the biomass-
derived syngas. For this experiment the FBR was operated at 450°C with a bed depth of 6.35 
cm with a bed weight of 62.00 g. Results from this experiment are located in Table 14. The 
ZnO particles were successful in removing H2S in a real syngas stream from about 300 ppm 
to 13 ppm for a gas sample rate of 1.0 slpm. Doubling the gas sample rate halved the gas 
residence time, resulting in a H2S measurement of 17 ppm. A further increase in sample rate 
to 2.25 slpm resulted in 20 ppm H2S. Once H2S levels at each of the three gas sample rates 
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Table 13. Desulfurization with ZnO on 0.02% H2S with N2 balance at 450°C 
Pre-test Baseline 
Average H2S 193 ppm 
Standard Deviation 3ppm 
Sample Rate 1 slpm 
FBRRun#l 
AverageH2S Oppm 
Standard Deviation Oppm 
Sample Rate 0.5 slpm 
FBRRun#2 
Average H2S 2ppm 
Standard Deviation Oppm 
Sample Rate 1 slpm 
Post-test Baseline 
Average H2S 195 ppm 
Standard Deviation 5ppm 
Sample Rate 1 slpm 
was recorded, the gas sample rate was reduced back to 1 slpm to see if the sorbent reactivity 
with H2S was decreased. The recorded H2S levels were 12 ppm, verifying the sorbent was 
still as active as it had been at the beginning of operation. Complete sorbent utilization, 
typically 10%, is not expected for several days of continuous sampling due to the low levels 
of H2S in the raw syngas stream and the low gas sampling rate. By the time these 
measurements were taken the FBR had been operating for only 1.5 hours. Lastly, a post-test 
baseline of 285 ppm H2S was recorded at 1 slpm. 
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Table 14. Syngas desulfurization with ZnO sorbent at 450°C 
Relative Time 
Sample Rate (min) Test Section H2S(ppm) 
0 300 
1 LPM 6 Pretest baseline 290 
12 290 
46 12 
1 LPM 53 FBR Run #1 13 
58 13 
66 16 
1.5 LPM 73 FBR Run #2 17 
78 17 
90 20 
2.25 LPM 95 FBR Run #3 21 
98 20 
109 12 
1 LPM 111 FBR Run #4 12 
115 12 
122 280 
1 LPM 125 Post-test baseline 280 
128 280 
An attempt was made to utilize the Wheeler Equation (Eq. 4.4) to determine kinetic 
information regarding the ZnO reaction with H2S. The Wheeler Equation is a theoretical 
framework developed for use with contaminant deposition on a fixed bed of particles. Using 
the equation, the reaction rate constant and sorbent utilization can be determined, allowing 
for further filter understanding and design improvements. The natural log of the baseline 
H2S concentration, C0 , over the recorded H2S concentration, Cx, was plotted for each gas 
sample rate, Q. Using the slope and y-intercept of the graph the reaction rate constant, ko, 
and sorbent utilization, Ws can be determined. Figure 20 contains the plot of ln(Cx/C0 ) 
versus gas sampling rate. In Eq. 4.4, Wb equals the weight of reactor bed and Ph is the bulk 
density of the fixed bed. This relationship shows the exit concentration of H2S should 
decrease with the reciprocal of volumetric flow rate. 
(Eq. 4.4) 
57 
1/Q (s/L) 
-2.5 
00 10.0 20.0 30.0 40.0 50.0 60.0 70.0 
-2.6 
-2.7 
0 -2.8 
u 
>< 
~ 
.= -2.9 
-3.0 
-3.1 
-3.2 
Figure 20. Plot of ln(CxlCx) for FBR08 for use in the Wheeler equation 
Using the slope of -0.0142 and y-intercept of -2.27, the rate constant was calculated 
to be 0.44 s-1• However, they-intercept value provides a major problem since it is negative. 
The Wheeler equation states the contaminant exit concentration should increase with time 
according to Equation 4.5. In Eq. 4.5, the slope of the graph is defined as a and bis they-
intercept. The determination of a negative y-intercept means the FBR outlet concentration 
decreases as operation continues. This is unreasonable since the sorbent must become less 
reactive with time. More accurate measurement of H2S might have been able to provide 
measurements accurate enough for analysis with the Wheeler Equation. Also, the amount of 
sulfur in the syngas stream is extremely low, which makes utilizing enough of the sorbent 
bed to see decreased reactivity between ZnO and H2S very difficult. Spiking the syngas 
sample stream with high concentration H2S would be the only way to more completely use 
the sorbent bed. 
(Eq. 4.5) C/Co = exp(a*t - b) 
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4.3.2 MnO-based sorbent desulfurization 
Two tests were perfomed using the MnO-based sorbent particles. FBR07 and FBR09 
were operated at 450°C and 375°C, respectively. For both experiments, the baseline H2S 
level was recorded and gas was diverted through the FBR. In FBR09, H2S sampling began at 
0.5 slpm and low levels ofH2S, 10 ppm, were recorded after 15 minutes of sampling. In this 
test, the exit concentration of H2S began to increase after 24 minutes of steady operation. 
Data from FBR09 are displayed in Table 14 and Figure 20. An attempt was again made to 
use the Wheeler Equation by plotting the In( Cx/C0 ) against the reciprocal of volumetric flow 
rate, however, the results of this failed to be effective in determining kinetic and sorbent 
utilization data. 
Table 14. Syngas desulfurization results with MnO-based sorbent at 375°C 
Relative Time H2S 
(min) (ppm) ln(Cx/Co) 
0 32 -2.15 
4 22 -2.53 
7 17 -2.78 
11 13 -3.05 
16 10.0 -3.31 
24 9 -3.42 
29 23 -2.48 
32 34 -2.09 
36 31 -2.18 
39 31 -2.18 
42 37 -2.01 
48 60 -1.52 
54 150 -0.61 
60 130 -0.75 
65 100 -1.01 
70 160 -0.54 
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Figure 21. H2S measurement vs time using MnO sorbent at 375°C 
The cause of the increased H2S measurements after 20- 30 minutes of operation for 
the MnO-based sorbent is unknown. The two temperatures tested, 450 and 375°C, proved in 
the temperature range examined, temperature did not effect the H2S exit concentration. 
Bypassing of the sorbent bed was impossible due the high-temperature caulk used to seal the 
possible spaces that could have led to syngas bypassing. Sorbent utilization was not 
expected since the H2S concentration in the syngas is so small and the gas sample rate was 
low. The sorbent became deactivated due to contamination with the syngas stream or gas 
began channeling through the fixed bed. 
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5. CONCLUSIONS 
Effective hot gas cleanup of contaminants for both coal and biomass-derived syngas 
must be developed for advanced power generation cycles to become commercially available. 
Once these methods have been developed, increased cycle efficiencies will drive a shift in 
energy generation from combustion processes to advanced power generation cycles, which 
are based on gasification technologies. Hopefully, public opinion will also cause a shift from 
energy generation consuming non-renewable, fossil fuels to more sustainable feedstocks, 
such as biomass. Primary gas cleanup via calcium-based sorbents is one method of easily 
reducing tar concentrations in the syngas, while improving the H2 content. Operating fixed 
bed reactors as guard beds to remove H2S is an example of a secondary hot gas cleanup 
method that needs further development. 
Both primary and secondary HGCU techniques were performed on a pilot-scale, 
fluidized bed gasifier at the BECON facility in Nevada, IA. In-situ limestone tests were 
successful in determining a ratio of sand to limestone that causes tar concentrations to be 
catalytically reduced from the worst-case of near 20 g/m3 to less than 6.5 g/m3. The 
hydrogen content of the syngas was also upgraded from 2.7 vol-% H2, to more than 9.5 vol-
%, on a dry, tar-free basis. Varying the operating temperature of the gasifier also found that 
limestone was the most catalytically active at 788°C (1450°F) in the range of temperatures 
tested. Results from fixed bed reactor experiments determined that ZnO particles of 1 mm 
would be an effective guard bed and were able to reduce H2S levels from 200 ppm to less 
than 20 ppm in biomass-derived syngas. MnO-based sorbents must be investigated further to 
determine their effectiveness in a syngas stream. 
While some of the objectives of this work were achieved, additional efforts are 
needed to design and operate a better H2S guard bed. The ability to achieve sorbent 
breakthrough curves would be extremely beneficial in determining kinetic data and sorbent 
capacity in a biomass-derived syngas streams. Spiking of the syngas sample stream with 
high concentration H2S would allow for breakthrough curves to be reached in much shorter 
times. Lastly, use of a more accurate method to analyze H2S in the syngas, such as an online 
sulfur gas chromatograph, might allow for use of the Wheeler Equation. 
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APPENDIX A. PARTICLE SIZE DISTRIBUTION FOR GASIFIER MEDIA 
Fluidized bed limestone particle size distribution 
From River Products Company, Iowa City, IA 
Sieve Size Weight % Retained % Passing 
Micron us Retained Final 
4750 4 
3350 6 
2360 8 0.0 1.5 100.0 
1400 14 2.2 14 98.5 
1000 18 21.0 15.6 84.5 
850 20 23.4 55.5 85.1 68.9 
500 35 83.3 8.3 13.4 
355 45 12.4 3.5 5.1 
250 60 5.2 1.2 1.6 
180 80 1.9 0.2 0.4 
150 100 0.3 0.1 0.2 
75 200 0.0 0.1 13.4 0.1 
Wash 0.2 
Total 150.0 
Fl "d" db d d t• I . d" "b . m ize e san par 1c e size 1stn ution 
Sieve Size Weight % Retained % Passing 
Micron us Retained Final 
4750 4 
3350 6 
2360 8 
1400 14 0.0 100.0 
1000 18 0.3 0.2 99.8 
500 35 17.6 11.7 88.1 
355 45 36.2 24.1 64.0 
250 60 53.4 35.7 28.3 
180 80 34.4 22.9 5.4 
150 100 5.1 3.4 2.0 
75 200 2.4 1.6 0.4 
Wash 0.2 0.4 
Total 150.0 
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APPENDIX B. FIXED BED REACTOR SORBENT INFORMATION 
ZnO Sorbent 
Sorbent Provider: 
Zoch em 
P.O. Box 1120 
Toronto, Ontario, Canada L6V 2L8 
1-800-324-1806 
Contact: Rob Kaplan 
Sorbent Information: 
Pure ZnO particles, >99.9% pure 
Particles Size: l .16mm - 0.850mm 
BET Surface Area: 3.5 m2/g 
Mno-Ah03 Sorbent 
Sorbent Provider: 
Gas Technology Institute 
1700 S. Mt. Prospect Road 
Des Plaines, IL 60018 
1-847-768-0500 
Rachid Slimane 
Sorbent Information for IGTSS-057 sorbent formulation: 
Parameter Value 
MnO to Ah03 Molar Ratio 31.5 : 1 
Crush Strength 22.5 N/mm of pellet diameter 
Hg Bulk Density 1.6170 g/cm3 
Apparent (Skeletal) 
4.6936 g/cm3 
Density 
Porosity 65.55 (%)* 
Total Pore Surface Area 9.2085 m2/g 
Average Pore Diameter 1.47 mm 
Particle Size 2-3 mm 
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APPENDIX C. EXPECTED H2S PPM CALCULATION 
biomass feedrate Sulfur content of corn 
. lb 
bto feed := 385- sulfO/ocom := 0.1% 
- hr 
(from data provided by Hazen Research) 
Actual producer gas flow rate 
ft3 
Qpd := 550-. 
mm 
3 
m 
Qpd = 15.574-:- ((use below without units)) 
Actual sulfur feed rates for seed corn 
sulf_feedcom := bio_feed ·sulfO/ocom 
6 
sulf_feedcom2 := sulf_feedcom· 10 
mm 
gm 
sulf_feedcom = 2.911-. 
mm 
6 gm 
sulf_feedcom2 = 2.911 x 10 . ((Use below without units)) 
nu 
from Introduction to Environmental Engineering, 3rd Edition, by Davis and Cornwell 
Convertingµg/m"3 to PPM, page 462 
** No units used in calculation, but units shown in definition comments 
T 2 := (700 + 273) 
P2 := 101.325 
Qpg := 15.574 
Temperature of gasifier bed dwing testing conditions, [K] 
Pressure of gasifier in freeboard and ducts, [kPa] 
Volumetric flow rate of producer gas, [m"3/min], from above 
GMWH2S := 2· 1.0079+ 32.064 Molecular weight of H2S 
6 
MH2S := 2.911· 10 
Mass flow rate of sulfur into gasifier, [µg/min], from above 
MH2S T 2 101.325 
---·22.414-·--
GMWH2S 273 P2 
PPM ·= -----------
H2s · Q ·1000 
pg 
IPPMH2S = 438.1421 
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APPENDIX D. SYNGAS HEATING VALUES & COMPOSITION 
**All data taken from densebed _ 15 on 05-05-04 ** 
Molecular Weight of Producer Gas Components 
gm 
MWH2o:=l8-
mol 
gm 
MW C2H4:= 28 -
. mol 
gm gm 
MWco2:=44- MWcH4:= 16-
moI mol 
Heating Values for Producer Gas Components 
gm 
MWco:=28-
moI 
gm 
MWH2:=2-
mol 
BTU 
HVco := 322--
ft3 
BTU 
HVc2H4:= 1614--
ft3 
BTU 
HVco2:=0--
ft3 
Gas Composition via MicroGC 
BTU 
HVN2 :=0--
ft3 
xr.r2 := 9 .2°/o 'N2 := 50.9l/o :XC02 := 20.P/o "co:= 11.25>/o 
xo2:= o% :XC2H4:= 3% :XCH4:= S% 
Producer Gas Flow Rate at S.S. Gasification 
ft3 
QpG := 220-. Standard ft'\3/min 
mm 
Producer Gas Energy 
Epo:= (x1-12·HVH2 + :xcuHVco + :XC2H4HVc2H4 + :XCH4·HVcH4)·Qpo 
Heating Value of Producer Gas 
Epa 
HVpo:=-
. QpG 
Cold Gas Efficiency of Producer Gas 
lb 
m_dotcom := 385 hr 
BTU 
HVcom := 7400--
lb 
Seed Corn Feed Rate at S.S. gasification 
Heating Value for Seed Corn 
Ecom := m - dotcom · HVcom 
Epo 
CGJ:i>o:=--
Ecom 
gm 
MWN2 :=28-mol 
BTU 
HVpo = 165.195---
ft3 
ICGJ:i>o = o.7651 
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APPENDIX D. (CONTINUED) 
Molecular Weight and Molar Flowrate of Producer Gas Components on a Dry-gas Basis 
MW pgl := XC02" MW C02 + XCO" MW CO + MW H2'"H2 
MW pg2 := xN2·MWN2 +MW CH4'XCH4 +MW C2H4XC2H4 
MW pg_d :=MW pgl +MW pg2 
IMWpg_d =28.24~ 
Gas Sampling Rate 
IQsample := l.S~ 
Ideal Gas Law Calculations with Dry Producer Gas 
2 
Rbar := 8.314 (kg)-m 
2 
mol·K·s 
Trot:= 298K temp of gas at rotameter 
p := latm pressure of gas at rotameter 
P·Qsample 
mol_dotpg d := 
- Rbar·Trot -3 mo mol_dotpg_d = 1.022x 10 -s-
Mass and Molar Flow Rate of Water in Syngas 
mass_ratepg_d :=MW pg_d ·mol_dotpg_d 
19·gm 
mass _rate H2o := --. 74·mm 
mass_ rate H20 
H20frac := -----
mass _rate pg_ d 
mass _rate H20 
moldotH20 := 
MWH20 
mol_tot := moldotH20 +. mol_dotpg_d 
moldotH2o 
mol_fracH2o:= ----mol tot 
lb 
mass_ratepg_d = 0.229b; 
lb 
mass_rateH2o = 0.034 hr 
H20frac = 14.818% 
-4 mol 
moldotH20 = 2.377x 10 - s 
-3 mol 
mol tot = 1.26 x 10 -
s 
lmol_fracH20 = 18.866o/~ 
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APPENDIX D. (CONTINUED) 
Molar Fractions of Components in Wet Syngas 
mol_dotH2_d := mol_dotpg_d ·xii2 
mol_dotN2_d := mol_dotpg_d ·XN2 
mol_dotc2H4_d := mol_dotpg_d ·xc2H4 
mol_dotcH4 d := mol_dotpg d ·XCH4 - -
mol_dotco2_d := mol_dotpg_d ·xco2 
mol_dotco _d := mol_dotpg_d ·xco 
lmol_fra'i:I2_tot = 0.0751 
lmol_fra'N2_tot = 0.4131 
lmol_fracc02_tot = 0.1661 
mol_dotH2 d 
mol_fra'i:I2 tot:= -mol tot 
mol_dotN2 d 
mol frac,..T := -
- -1""2-tot mol tot 
mol_dotc2H4 d 
mol fraer. := -
- -\._,2H4_tot mol tot 
mol_dotcH4 d 
mol_fraCCH4 tot:= -
- mol tot 
mol_dotco2 d 
mol fraer. := -
- -\...,02 tot mol tot 
mol_dotco d 
mol fraer. := -
- -\._,O _tot mol tot 
lmol_fraccH:4_tot = 0.041 I 
lmol_fracc2H4_tot = 0.0241 
lmol_fracco_tot = 0.091 I 
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APPENDIX E. FIXED BED REACTOR CALCULATIONS 
Purpose: Use the Ergun Eq. to predict the pressure drop across a fixed-bed reactor of 
average particles sizes ( dsv). 
Assumptions: p and µ assumed to be air at 450C 
Constants: Standard temperature of gas density of air at 450C * vise of air at 450C * 
Variables: 
kg 
T 8 := 298K pg := .49043 
m 
-5 kg 
µ := 3.4S 10 -
g ms 
* ref: fluids textbook 
sample rate of gas (standard) particle voidage 
liter gas sample rate 
Qg s := i.5-. at standard temp - mm 
0.3 for regularly shaped particles 
Em:= 0.36 0.42 for irregularly shaped particles 
((from Dr. B's ME 539 textbook)) 
particle size 
-6 
d 8v := 1000 10 m 
depth of reactor bed 
Ltbr := 2.5-in 
Actual temperature of gas diameter of reactor 
~fbr := lin 
Ta:= (450+ 273)K 
FBR Design Calculations: 
Ltbr 
depth part := --
dsv 
7t 2 
Afbr := - · ~fbr 
4 
I depth part = 63.51 
Iv fbr = 1.963in, 
!Qg_a =3.63~ 
iu• = 11.91=;j 
!Rep = 1.6871 
# particles deep 
IAfbr = 5.067cm1 bed cross section area 
lvfbr = 32.176cm, volume of reactor 
<-From ideal gas law, gas sample 
rate at actual reactor temperature 
Superficial gas velocity 
at actual temperature 
<-since the Rep is laminar, 
use laminar portion of Ergun Eq. 
((Dr. B's ME539 text)) 
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APPENDIX E. (CONTINUED) 
IP = 348.338Pa I 
p 
p ·---
hg .- 3377Pa 
<-conversion to inches mercury 
1 
ST:=-
'tres 
l'tres = 0.191s 
FBR Hydrogen Sulfide Loading Calculations: 
H28ppm := 200 
1 
ConcH2S := H2S __ pm' -p 1000000 
jconcH2s = 0.02o/~ 
<-Ergun Eq used to calculate 
pressure drop across a fixed-bed 
reactor 
units are inches of mercury 
FBR residence time 
FBR spacetime 
PPM level of H2S in P.G. 
Concentration of H2S in P.G. 
-3 mo 
mol_dot8ample := 1.022x 10 · s 
Molar flowrate of the sampled P.G., taken from 
calc'd from a typical test, gas sample rate 1.5 LPM 
((calc'd in Appendix D)) 
IMW H2S := 34~ molecular weight of H2S 
mol_dotH2S := mol_dot8ample·ConcH2S 
-7 mol 
mol_dotH2S = 2.044x 10 - s 
mass_ dot H2S := mol_ dotH2s· MW H2s 
molar flowrate of H2S in sample line 
mass flowrate of H2S in sample line 
